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Abstract

Nowadays many countries wish to use their domestic biomass resources for energy production in order
to decrease carbon dioxide emissions and the import of energy. Efforts to cut carbon dioxide emissions
have led to the development of renewable energy technologies such as wind turbines, photovoltaics and
the use of biomass. The targets of the European Commission till 2030 are to cut greenhouse gas
emissions by 40 % relative to 1990 levels and to increase renewable energy sources up to 27 %.
However, the energy intensive industries and the transport sector remain largely dependent on fossil

energy resources, mainly natural gas and oil products.

The aim of this work is the design of a cold and hot gas cleaning process for synthetic natural gas (SNG)
production from biogenic residues. To gain a data basis, a gasification experiment with hazelnut shells
as fuel was conducted at TU Wien’s dual fluidized bed gasifier. With the obtained data first a scale up
to an 8 MWy, gasifier was conducted. Further on mathematical models were created to design reactors

which are able to meet the specified limits of the methanation catalyst.

The results obtained that at the exit of both gas cleaning processes several specified limits of impurities
which are harmful for the methanation catalyst were not reached. Additional cleaning devices or
optimization of the existing ones is necessary to further reduce these impurities. Furthermore, both gas
cleaning processes were discussed in terms of energy demand and needed recourses per day to clean the

gas.

The outcome of this master thesis was that, based on the used calculation models, an implementation of
both cleaning sections in the biomass to SNG process is possible. However, to meet the requirements of
the methanation catalyst the designed gas cleaning processes have to be adapted. Further research should
be done to evaluating the designed gas cleaning processes experimentally and with the use of

simulations. Additionally, the long-term behaviour of the methanation catalyst has to be investigated.
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Kurzfassung

Heutzutage setzten viele Lénder darauf Ihre inldndischen Biomasseressourcen fiir die
Energieproduktion zu nutzen um die CO,-Emissionen zu reduzieren und unabhingig vom Import zu
werden. Durch das Bestreben die CO,-Emissionen zu senken setzten die Ldnder vermehrt auf die
Entwicklung und Forderung von alternativen und nachhaltigen Energiesystemen wie zum Beispiel
Windkraft, Fotovoltaik oder die Nutzung von Biomasse. Ziele der europdischen Kommission bis 2030
sind die Treibhausgasemissionen gegeniiber 1990 um mindestens 40 % zu senken und eine Erhdhung
des Anteils erneuerbarer Energiequellen auf mindestens 27 %. Trotz alldem sind groBe Kraftwerke und

der Sektor Verkehr und Transport auf fossile Energietriger wie Ol und Gas angewiesen.

Das Ziel dieser Diplomarbeit ist es eine mdgliche Kalt- bzw. Hei3gasreinigungsanlage zu entwerfen um
diese in ein Kraftwerk zu implementieren welches synthetisches Erdgas aus biogenen Reststoffen
herstellt. Um Daten fiir die weitere Auslegung der Gasreinigungen zu generieren wurde ein
Vergasungsexperiment an der TU Wien mit Haselnussschalen als Brennstoff durchgefiihrt. Mit den
generierten Daten wurde zuerst ein 8 MWy, Vergaser hinsichtlich Menge an produzierendem Produktgas
ausgelegt. Weiters wurden Berechnungsmethoden erarbeitet um die einzelnen Reaktoren der jeweiligen
Gasreinigung zu berechnen. Ziel dieser Auslegung ist es ein Produktgas bereitzustellen welches den

Anforderungen des Methanierungskatalysators geniigt.

Die Berechnungsergebnisse zeigten, dass beide ausgelegten Gasreinigungen nicht in der Lage sind alle
fiir den Katalysator schiadlichen Stoffe so weit zu reduzieren das sie den Anforderungen geniigen.
Zusitzliche Gasreinigungsapparate miissten installiert oder die bestehenden optimiert werden. Weiters
wurden beide Gasreinigungsprozesse hinsichtlich Energiebedarf diskutiert. Auch ein Vergleich der

benétigten Ressourcen pro Tag um das Gas zu reinigen wurden durchgefiihrt.

Das Resultat dieser Arbeit ist, dass basierend auf den Berechnungsmethoden eine Implementierung
beider Gasreinigungen in einen Prozess, der synthetisches Erdgas erzeugt, prinzipiell moglich ist.
Jedoch werden die Anforderungen des Methanierungskatalysators hinsichtlich Gasqualitdt nicht
vollstdndig erreicht und es miissen Adaptierungen am Gasreinigungsprozess vorgenommen werden.
Weiter Forschung sollte in die experimentell untersucht und vermessen in die erarbeitete Prozesskette
investiert werden. Darliber hinaus sollte das Langzeitverhalten des Methanierungskatalysators

untersucht werden.
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1 Introduction

In the past the availability of fossil energy resources has been a major reason for the successful
development of wealthy societies in some parts of our world. The excessive use of fossil energy
resources leads to significant negative impacts on our environment and climate. In recent times pressures
on the global environment have led to calls for an increased use of renewable energy sources. Europe
has experienced a change in the way its energy is generated and consumed. Rising concerns over climate
change and security of supply have led European countries to invest in renewable technologies. For the
next years, the European Commission has defined a set of non-binding rules which builds upon previous
legislation with the aim of ensuring a 40 % cut in greenhouse gas emission in 2030 relative to 1990

levels. Furthermore, an increase in renewable energy sources up to 27 % is targeted [1,7].

Biomass is, among renewable energy sources, a potential source of renewable energy. The conversion
of biogenic materials into a suitable form of energy can be achieved using a number of different
technologies. Usually electricity or liquid fuels for combustion engines are produced from biomass [2].
A promising technology to process biomass for industrial applications is dual fluidized bed gasification.
The generated product gas from biomass gasification can be used to produce further synthetic products,

such as synthetic natural gas (SNG), methanol or Fischer-Tropsch diesel and gasoline [5].

The aim of the present work is to find answers to the following research question: “can a process for the
production of SNG from biogenic residues be designed that meets the requirements of the methanation
catalyst?” The produced SNG can be injected into the grid for the utilization in households, gas turbines
or industries which require natural gas for their production processes. The interest in this technology
raised in the 1950s until the 1980s [5]. With the aim of the European Commission to replace up to 20%
of European fuel consumption by biofuel, replacing natural gas partly with bio-methane becomes

necessary [5].

To find out if a process for the production of SNG from biogenic residues can be designed the present
work is structured as follows. First, the state of the art of SNG-production from biomass gasification is
presented. This chapter includes a literature review on dual fluidized bed gasification, sorption enhanced
reforming, methanation, the different reactor types for methanation, gas cleaning and finally further
R&D challenges in this field. In Chapter 3 a conducted gasification experiment with biogenic residues
at the advanced 100 kW, test plant at the TU Wien is described. Subsequently in Chapter 4, a scale up,
based on the gathered data from the experiment, to an 8 MWy, gasifier was done. Further on
mathematical models were created to design reactors which are able to meet the specified limits of the

methanation catalyst. In Chapter 5 a cold and hot gas cleaning process was designed and described



based on the mathematical models for the individual reactors. The results obtained from the calculation
models are displayed in Chapter 6. Starting with the cold gas cleaning process each reactor is
represented trough a flow chart. Additionally, a short description of the working principal from the
respective reactor is given. Furthermore, calculated key parameters are shown as well. Chapter 7
discusses the calculation results. The cleaning performance of the gas cleaning processes was evaluated
by using the specified limits of the methanation catalyst as a reference. Furthermore, the calculated key
parameters of the respective gas cleaning process are given and discussed. Finally, Chapter 8 concludes
the work providing answers to the research question and gives suggestions for further research on the

SNG production process from biogenic residues especially in terms of gas cleaning.



2 State of the art of SNG-production from biomass gasification

2.1 Dual fluidized bed gasification

In general gasification represents a thermochemical process where a fuel is converted into a gas under
high temperatures and a lack of oxygen (O.). Drying, devolatilization and gasification are the main steps
from solid fuels to a gaseous product. For one particle, all process steps mentioned before are observed
[10]. The major operating parameters for gasification are pressure and temperature. In addition to that
various gasification agents such as air, steam, carbon dioxide or oxygen can be used [4]. Table 1 shows

the main reactions occurring during the gasification process including if the respective enthalpy of each

reaction is endothermic or exothermic.

Table 1: Important reactions of gasification and combustion [10,11]

Name of reaction Enthalpy
Heterogeneous reactions (gas-solid)

L Highly
Oxidation of carbon c+0, - CO, exothermic Eq. 2.1
Partial oxidation of carbon C+ i 0, - CO Exothermic Eq.2.2
Heterogeneous water-gas reaction C+H,0-C0+ H, Endothermic  Eq. 2.3
Boudouard reaction Cc+ Co,—->2CO Endothermic Eq. 2.4

. Slightly

Hydrogenation of carbon C+2H,-CH, exothermic Eq. 2.5
Generalised steam gasification of _ _ y .
solid fuel (bulk reaction) Cuby 0 + (x = 2)H,0 » x €O+ (x z+ z) Hz Endothermic  Eq. 2.6
Homogeneous reactions (gas-gas)

L Highly
Oxidation of hydrogen 2H,+ 0, - 2H,0 exothermic Eq. 2.7
Water-gas shift CO+ H,0 & CO, + H Slighly 05

2 2 2 exothermic q. =

Methanation C0+ 3H,~ CH,+ H,0 Exothermic Eq.2.9
Generalised steam reforming of y .
hydrocarbons CHy + xH,0 > xCO+ (x+ %) Hy Endothermic ~ Eq. 2.10
Generalised dry reforming of C.H, + xCO, » 2xCO+ 2 H Endothermic 211
hydrocarbons Y 2 2 72 Eq.2.

The most commonly used gasification agent in biomass gasification is still air [10]. This means the
product gas has a high content on nitrogen and cannot be used for further methanation. In the framework
of synthetic natural gas (SNG) production steam is used as a gasification agent frequently. With regard
to the following methanation step, the generated product gas has a favourable ratio between hydrogen
and carbon monoxide and contains no nitrogen [5]. To increase the hydrogen content in the product gas
carbon dioxide removal is an important part of the SNG-production process (Eq. 2.8). To realize the

product gas requirements mentioned above a dual fluidized bed gasifier is a suitable and well-developed
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technology, also at commercial scale [5,6]. Furthermore, fluidized bed systems can handle a wide range
of fuels and do not need an air separation unit compared to entrained flow systems [6]. Figure 1 shows
the basic principle of a dual fluidized bed gasifier. The system consists of two reactors, a gasification
reactor and a combustion reactor. The solid fuel and steam as gasification and fluidization agent is fed
to the gasification section. The combustion section is fed with the circulating bed material including
remaining wood char and fluidized with air which leads to a combustion and heats up the bed material

to higher temperatures. Additionally, fuel can be added to increase the temperature.

product gas flue gas

|

solid
fuel

fuel to

GASIFICATION EiAisneidd COMBUSTION @b'

bed material

800 - 900 °C 870-970°C

T char T
steam air

Figure 1: Basic principle of a dual fluidized bed gasifier [6]

The produced hot flue gas is separated from the bed material via a cyclone and leaves the system whereas
the hot bed material returns to the gasification section and provides the heat for the endothermic
gasification reactions. Steam as gasification agent enables water-gas reactions and steam reforming of
hydrocarbons in the gasification reactor. This allows to produce a product gas rich of hydrogen [3,7].
Low tar content in the product gas can be achieved by catalytic active bed materials or special reactor
designs [8]. Table 2 shows the gasification parameter and product gas composition for dual fluidized

bed steam gasification.

Table 2: Product gas composition of dual fluid gasification from internal data

advanced 100 KkWw, TU advanced 100 KkWw, TU Unit
Wien Wien

Fuel Wood pellets Wood pellets -
» | TBubbling Bed 800 650 °C
Bt
g Tcolumn 810 711 °C
g Steam to fuel ratio 0.6 0.7 kg/kg
E. Fuel input 20.3 20.3 kg/h
}% Product gas yield 0.8 0.8 Nm?av/Kgfuel dat
& | Product gas power 87 87 kW
é Gasification agent Steam Steam -

Bed material Olivine + 10 % limestone Limestone -

Operation mode Conventional gasification Sorption enhanced reforming -

g Hydrogen (H>) 35-45 50-175 vol.-%odb
£ £/ Carbon monoxide (CO) 20 -30 4-12 vol.-%ab
= &/ Carbon dioxide (CO2) 15-25 5-20 vol.-%an

=]

© | Methane (CHa) 815 815 vol.-%db




Acetylene (C2Hz) N/A N/A vol.-%ab
Ethylene (C2Ha4) 1-4 1.5-2 vol.-%ab
Ethane (C2Hs) 03-1 05-1 vol.-%ab
Propene (CsHs) N/A N/A vol.-%ab
Propane (CsHs) 0.2-0.5 0.05-0.2 vol.-%ab
Ammonia (NH3) 0.02-0.4 0.02-04 vol.-%db
Hydrogen sulphide (H2S) 0-0.04 0-0.04 vol.-%db
.. | Carbonyl sulphide (COS) 0-0.001 0-0.001 vol.-%odb
I% Hydrochloric acid (HCI) 0.0005 - 0.03 0.0005 - 0.03 vol.-%ab
é. Hydrogen cyanide (HCN) 0.01-0.04 0.01-0.04 vol.-%odb
= |Nitrogen (N2) 0-0.5 0-0.5 vol.-%ab
5 | Water (H:0) 2545 45 - 65 vol.-%
§ Dust and char 3080 2050 g/Nmia
2 | Gravimetric tar 1-6 0.7-22 g/Nm’ap
E GCMS tar 2-15 1-7 g/Nm’a
é GCMS tar composition
Naphthalene 800 — 4700 N/A mg/Nma
Benzene (B) 6000 — 6400 N/A mg/Nm>ap
Toluene (T) 0 —400 N/A mg/Nm>ap
Ethylbenzene (E) 0-5 N/A mg/Nm>ap
Xylene (X) 0-5 N/A mg/Nm>ap
Critical components in ash
Arsenic (As) 0 0 mg/gash.db
Natrium (Na) ~ 10 ~20 mg/gash,db

The species acetylene, ethylene, propene, ammonia, hydrogen sulphide, carbonyl sulphide, hydrochloric
acid, hydrogen cyanide, nitrogen, water, dust, char, tar, arsenic and natrium are considered as impurities
in this master thesis. Figure 2 shows the classic (1) and advanced (2) design of the 100 kW, dual
fluidized bed pilot plant developed at TU Wien. The classic design is typically used at the existing
industrial plants, which consists of a bubbling-fluidized bed as gasification reactor and a fast-fluidized
bed as combustion reactor. The two reactors are connected via a loop seal or chute on the lower and a
loop seal on the upper part of the reactor. The bed material, which leaves the combustion reactor, is
separated from the flue gas via a cyclone and then introduced into the gasification reactor again. Whereas
the advanced gasification reactor consists of two main parts to improve the gas-solid contact within the
reactor. The lower part where the fuel is introduced, is operated as bubbling fluidized bed. The upper
part is designed as a counter-current column with turbulent fluidized zones. The hot bed material, which
is separated from the flue gas stream, is introduced into the column. Further, the column is equipped
with constrictions, which leads to an increased bed material hold-up over the height of the column. As
a result, the interaction of bed material and product gas in the upper part of the gasification reactor is
increased significantly. In addition, the advanced design enhances abrasion resistance for pure calcite
(CaCO:s) as bed material due to two gravity separators on top of the reactors. Compared to the use of
cyclones, the gas and particle velocities are lower, which leads to smooth separation of the calcite from

the gas streams [3,6,9].
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Figure 2: Classic (1) and advanced (2) design of the 100 kW, dual fluidized bed pilot plant at
TU Wien [6]

Two other concepts in the context of SNG — production from biomass will be briefly mentioned now.
Both technologies are not yet available at commercial scale but could have promising future as the
complexity of the whole SNG production process is reduced. Hydrothermal gasification is a technology
to convert wet biomass directly into hydrogen and/or methane. To reach a nearly complete thermo-
chemical reaction of the organic compounds supercritical water, at 400 °C — 700 °C and 200 — 300 bar,
is used. At such high pressure the methane formation is favoured. In contrast to methane, hydrogen and
carbon monoxide formation increase with temperature. Another possibility is the hydrogasification.

Hydrogen is used as gasification agent. This lead to a higher methane content in the product gas [3,5,10].

In the upcoming chapter the gasification technology sorption enhanced reforming (SER) is discussed in
more detail. With SER the hydrogen to carbon monoxide ratio can be controlled by adjusting the
gasification temperature. Limestone, which is used as bed material, can captures carbon dioxide and
reduce impurities such as tar. A product gas composition can be achieved with good preconditions for

the methanation step.



2.2 Sorption enhanced reforming (SER)

Based on the dual fluidized bed gasification principle a beneficial product gas composition, with regard
to the methanation step, can be achieved by using limestone as bed material for the fluidized beds.
Limestone offers the possibility to remove carbon dioxide from the gasification reactor and transport it
in the combustion reactor. A product gas with hydrogen contents up to 70 vol.-%q, can be achieved.
Furthermore, an adjustment of the hydrogen to carbon monoxide ratio in a wide range can be gained
with sorption enhanced reforming (SER). At the same time the tar content is reduced through catalytic

activity of limestone [7]. Figure 3 shows the basic principle of the SER process.

H, rich CO, rich
product gas flue gas

solid ﬁ T

fuel GASIFICATI_ON circulation of COMBI{STI-ON
» & carbonation bed material & calcination

CaO0, heat

600 - 700 °C 830 - 930 °C

T CaCO0,, char T
steam air

Figure 3: Basic principle of sorption enhanced reforming (SER) [28]

The basic idea of SER is to carbonize the calcium oxide (CaO) in the gasification reactor by a capture

of carbon dioxide from the product gas according to the following reaction:

Ca0(s) + C0,(g) & CaC0;(s) AH =—179% /o Eq.2.12

The resulting calcium carbonate (CaCQO3) is transported to the combustion reactor where a calcination

takes place:

CaC03(s) « CaO0(s) + CO,(g) AH =179 k]/mol Eq.2.13

Carbon dioxide is formed and released into the hot flue gas. For this purpose, the temperature in the
gasification reactor has to be decreased down to around 650 °C and the combustion reactor must be
operated at temperatures above 800 °C (Figure 4) [12]. The removal of carbon dioxide from the product
gas pushes the water gas shift reaction (Eq. 2.8) to the product side, leading to an increased hydrogen
content of around 70 vol.-%g, and a lower carbon monoxide and carbon dioxide content of around

10 vol.-%qs each [5].
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Figure 4: Equilibrium partial pressure of CO; dependent on reaction temperature [28]

The product gas composition is highly dependent from the temperature for SER-operation. Parameters
like fuel type, water content of fuel, calcium oxide cycling rate etc. can have an influence on the product
gas composition as well [6,8]. Figure 5 shows the hydrogen to carbon monoxide ratio (1) and the content
of main components in the product gas (2) over the gasification temperature. The hydrogen to carbon
monoxide ratio and the methane content are mostly decisive in regard to further methanation of the
product gas. As it can be seen in (1) the SER-process offers the possibility to adjust the hydrogen to
carbon monoxide ratio by adapting the gasification temperature. From around 620 °C to 680 °C a ratio
between 8 to 10 can be reached which is suitable for further methanation. From 700 °C upwards the
ratio drops down to 2 at about 800 °C. Graph (2) additionally shows the temperature range for SER-
operation from around 620 °C to 680 °C and for conventional gasification from up to 800 °C. It can be
seen that the stochiometric ratio of hydrogen to carbon monoxide to carbon dioxide is around 7:1:1

inside the temperature range for SER-operation. This ratio is ideal for further methanation.
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Figure 5: Hydrogen to carbon monoxide ratio (1) and main components in the product gas (2)
over gasification temperature (from internal sources)



To keep up a continuously good SER operation a stable and reactive carbon dioxide sorbent is needed.
In addition, the sorbent should be capable to maintain a low attrition rate and a high carbon dioxide load
during long time operation. Also, a catalytic activity with respect to tar removal is desirable. Therefore,
the properties attrition, carbon dioxide sorption capacity, catalytic activity and the influence of

impurities on limestone will be discussed in more detail.

Attrition is the result of mechanical, thermal and chemical stress. During fluidization, particles are
subjected to mechanical stress arise from collisions and surface wear. Under the typical operating
conditions of SER, bed material particles will experience thermal stress due to the temperature
difference between gasification and combustion reactor and chemical stress due to Eq. 2.12 and Eq.
2.13 as well. Especially for limestone higher calcination temperature and higher impact velocity results
in higher attrition [12,13]. Material properties, e.g. surface quality, relative hardness of the particle or
particle shape, influence the type and extent of attrition. Softer or porous materials like limestone abrade
much more than harder or compact ones. Attrition is occurring at a higher rate in the combustion reactor
(Eq. 2.12) than in the gasification reactor (Eq. 2.13) [14]. This is owed to the fact that calcined particles
are lighter and more fragile than carbonated ones which are denser and more compact. Different
approaches on improving the attrition resistance of limestone were investigated. Pelletisation and an
addition of various binders were tested in a pilot fluidized bed system. It was found out that pelletisation
is an inadequate approach for reducing the attrition. Further the addition of cement as a binder just

marginal improves the mechanical strength of the resultant pellets [13].

A carbon dioxide sorption capacity of 0.785 kgco, per kgcao is achieved at complete carbonation
according to the ratio of 1 mol carbon dioxide to 1 mol calcium oxide (Eq. 2.12). Several mechanisms,
e.g. sintering or changes in pore structure, lead to a loss of carbon dioxide capture capacity. Especially
after many cycles of carbonation and calcination the capacity decreases significantly [15]. Several
authors investigated calcination and carbonation of different limestones regarded to their carbon dioxide
uptake [16,17]. It is reported that the sorption of carbon dioxide by calcium oxide particles leads to a
loss of pore volume and to the development of a layer of calcium carbonate which reduces the carbon
dioxide diffusion rate. In addition to that, the carbon dioxide capture capacity behaviour during a number
of cycles was investigated. It was observed that the uptake highly decreases in the first cycles and tends
to stabilize with increasing cycle number. Figure 6 illustrates the reduction of porosity of a calcium
oxide particle after one cycle (1) and after 22 h in a dual fluidized bed gasifier with alternating
carbonation and calcination cycles (2). On the left picture, it is visible that the pore structure is in a
suitable shape after one cycle. After 22 h of operation in a gasifier with alternating cycles the loss of

pore volume is visible and the surface becomes smooth at some areas.
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Figure 6: Scanning electron microscope (SEM) pictures illustrate the decay of porosity of
calcium oxide. After one calcination cycle (1) and after 22 h (2) in a dual fluidized bed gasifier
with alternating carbonation and calcination cycles. (recorded at TU Wien)

Limestone is catalytically active regarding tar reforming. Tar causes problems for the methanation
catalysts and is also a well-known by-product from steam gasification of biomass. In case of relatively
low temperatures during SER compared to conventional gasification higher tar contents in the product
gas would be expected. However, due to the catalytical activity of limestone regarding tar reforming,
lower tar values can be reached within the SER-process [11]. Tar formation is influenced by the
gasification temperature, fuel type, catalytic activity of the bed material, steam to fuel ratio and fuel
water content. Table 3 gives an overview about typical tar ranges for different types of gasifier with

limestone as bed material.

Table 3: Gravimetric and GCMS tar ranges for different gasifier with limestone as bed material

200 kW, IFK Classical 100 advanced 100 SER 8 MW,

Unit g?ul:t“;:_’tlllig Stuttgart [19] kWw, TU kWw, TU CHP Giiissing

g Wien [20] Wien [21] [22]
Gasification °C 655 ~ 650 600700 600 —700 676
temperature
Gravimetric tar g/Nm’a 29 6-31 0.3-3.0 0.7-2.2 1
Gas
chromatography g/Nm’gp n.a. n.a. 2-9 2.5-83 n.a.
mass spectrometry
(GCMS) tar

Impurities such as ammonia, sulphur or chlorine influence the reactivity of limestone as well. Sulphur
and chlorine and their chemical combinations will now be discussed in more detail. Sulphur dioxide
(SO») for example has a deactivating effect on the carbon dioxide sorption capacity due to the formation
of calcium sulphate (CaSQs) [23,24]. Experiments with calcium oxide and hydrogen sulphide revealed
that high hydrogen sulphide concentrations of around 0.22 vol.-%a, have a deactivating and irreversible

effect on the bed material [25]. In case of chlorine as impurity calcium chloride (CaCl,) is a possible
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product that can be formed and can have a deactivating effect on carbon dioxide sorption capacity. In
case of a further methanation of the product gas from SER the knowledge about the formation of
impurities during the gasification step is essential. Upcoming the basic principles of methanation as well
as different methanation reactor types are discussed. Additionally, discussions about usability and
performance of several catalytic materials, which initiate the heterogeneously catalysed methanation

process, are done.
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2.3 Basic principles of Methanation

Methanation, in association with SNG-production from biomass gasification, is a heterogeneously
catalysed process where gaseous species react in the presence of a solid material. The aim of this
synthesis step is to produce a gas which can be injected into the natural gas grid. This means the SNG
must have more than 96 % methane and can contain ethane to a lower extent. Also, species with low or
even no volumetric heating values, such as hydrogen, nitrogen or carbon dioxide, are allowed at the
range of a few percent. Due to its toxicity carbon monoxide has to be under 0.5 % [4,5]. The complex
product gas composition from gasification (Table 2) leads to a number of reactions beside the actual

methanation. The main reactions occurring in a methanation reactor are shown in Table 4.

Table 4: Important reactions of methanation [5]

Name of reaction Enthalpy

Homogeneous reactions (gas-gas)

Carbon monoxide methanation 3H,+CO < CH,+ H,0 Exothermic Eq.2.14
Carbon dioxide methanation 4H,+ C0O, & CH,+2H,0 Exothermic Eq. 2.15
Homogeneous water-gas shift CO+ H,0 & CO, + H, Slightly exothermic Eq. 2.16
Hydrogenation to methane C,H,+ H, » C,H, Exothermic Eq.2.17
C,H,+ H, » C,Hg Exothermic Eq. 2.18

CoH, + (4~ ’zﬁ) H, - 2 CH, Exothermic Eq. 2.19

Heterogeneous reactions (gas-catalyst surface)

Boudouard reaction 2C0 & C+ COo, Exothermic Eq.2.20
Carbon methanation 2H,+Ce CH, Slightly exothermic Eq.2.21
Heterogeneous water-gas shift C+H,0- CO+ H, Endothermic Eq. 2.22

To which extent the reactions from Table 4 occur depends on several parameters like product gas
composition of gasification, chosen catalyst, reactor type and design as well as the applied operation
conditions. Therefore, the methanation catalysts as well as a thermodynamic view on the main reactions
(Eq. 2.14 and Eq. 2.15) will be mentioned in this chapter. Since 1902 several authors do have
investigated metals which promote the methanation reaction, based on a catalytic reaction. These metals
are: Ruthenium, nickel, copper, cobalt, iron, and molybdenum. Figure 7 shows a nickel-based catalyst
(1) as it is used in fixed bed methanation reactors and a scanning electron microscope picture of a catalyst
surface (2). Nickel-based catalysts are by far the most applied one for methanation. The metal is
relatively cheap and it is very active. Further nickel has the highest selectivity to methane in comparison
to the other metals listed bevor [29]. Due to various process conditions for methanation different

materials can be added to the catalyst material. For isothermal operation for example, highly porous y-

12




alumina can be used as support. Under adiabatic methanation conditions, where high temperature

occurs, a-alumina is often used as support, eventually with of a small percentage of magnesia and

lanthanum for stabilization and to resist carbon deposition [44].

Figure 7: Nickel-based catalyst (1), scanning electron microscope recording of a catalyst surface
(2) [47,69].

An essential problem at catalytic reactions is catalyst deactivation. The loss of catalytic activity and/or
selectivity over time is a major problem of industrial catalytic processes. Table 5 and Table 6 represent
an overview of the different mechanisms of catalyst deactivation and a comparison between different
catalyst materials respectively. As some biogenic fuels contain a number of harmful elements for the
methanation catalyst, e.g. sulphur and nitrogen the mechanism poisoning will be discussed in more

detail.

Table 5: Mechanisms of catalyst deactivation [30]

Mechanism Type Description

Strong chemisorption of species or impurities (e.g. sulphur
Poisoning Chemical  compounds) on catalytic sites, thereby blocking sites for
catalytic reaction

Physical deposition of species from fluid phase onto the
Fouling Mechanical catalytic surface and in catalyst pores (e.g. carbon

deposition)

Thermally induced loss of catalytic surface area and support
Thermal degradation Thermal area (e.g. sintering due to pore collapse); chemical

transformations of catalytic phases to non-catalytic phases

Reaction of gas with catalyst phase to produce an inactive

Vapor formation Chemical bulk or volatile compounds, which exit the reactor.

Vapor — solid and solid — solid Reaction of fluid, support, or promoter with catalytic phase

. Chemical L
reactions to produce inactive phase
Loss of catalytic material due to abrasion Loss of internal
Attrition/crushing Mechanical surface area due to mechanical-induced crushing of the

catalyst particle, attrition, size reduction of catalyst particles
or break up of catalyst granules
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Table 6:Comparison of different catalyst materials [29,30,44]

Catalyst material

advantages

disadvantages

Ruthenium (Ru)

Nickel (Ni)

Cobalt (Co)

Iron (Fe)

Molybdenum (Mo)

six times more active than nickel and
three times more active than iron

long term catalytic activity

at temperatures above 100 °C methane
was produced at a total pressure of less
than 0.13 bar

very active for methanation when
present in a form having high surface
area

most selective to methane of all
materials

cheap and therefore mostly used. Lots
of combinations with supported
materials have been investigated

nearly complete carbon monoxide
conversion possible at 280 °C

similar activity for methanation to that
of nickel

nearly complete carbon monoxide
conversion possible at 340 °C

similar activity for methanation to that
of nickel

Sulphur resistant and, in fact, are
commonly sulphided before used

selectivity to methane up to 94 %

much more expensive than nickel

produces higher hydrocarbons under
methanation conditions

traces of sulphur compounds rapidly
deactivate the catalyst

easily poisoned by sulphur compounds
(a fault common to all of the more
active methanation catalysts)

can react with carbon monoxide to
form a carbonyl, Ni(CO)a, a carbide,
NizC, or even free carbon

Tends to deposit carbon more than
nickel catalysts under the same
operating conditions

produces higher hydrocarbons under
methanation conditions

The conversion of CO only reached 20
% even at 340 °C

rapid carbon deposition

produces higher hydrocarbons under
methanation conditions

relatively high temperatures needed
for conversion

selectivity and activity declines with
rising hydrogen sulphide contents

moderate activity

Nitrogen is mostly present as ammonia in the product gas. Sulphur can form hydrogen sulphide,
carbonyl sulphide, carbon disulphide, mercaptans and a high number of thiophenic species [5]. The
tolerable level of sulphur for nickel-based catalysts depends on the hydrogen content, the sulphur partial
pressure and the temperature. Continuously present sulphur traces in the feed gas lead to a highly stable
and nearly irreversible coating on the nickel surface. Furthermore, sulphur blocks the carbon monoxide
and hydrogen adsorption on the nickel surface. Once sulphur is adsorbed on the catalyst surface it is
very challenging to remove it again. A possibility to desorb the sulphur is by a complex redox cycle
procedure using low oxygen partial pressure and subsequent reduction [30,44]. The only methanation

catalyst unaffected by sulphur impurities consists of molybdenum sulphide [29].
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Another important issue, related to catalyst deactivation, for the operation of catalysts in methanation is
carbon deposition (fouling). This mechanism can be caused by carbon monoxide and hydrocarbons.
Figure 8 illustrates possible effects on the functioning of a supported metal catalyst due to fouling.
Carbon may chemisorb as a monolayer or physically adsorb in multilayers and in either case block
access of reactants to metal surface sites. Furthermore, micro- and mesopores can be plugged such that
access of reactants is denied to many crystallites inside these pores. The formation of the different carbon
deposits mainly depends on temperature, on the partial pressures of steam, hydrogen, carbon monoxide,
and hydrocarbons, on the nickel crystallite size and on the different materials added to support the

catalyst [44].

Support Particle

Metal
Crystallite

Figure 8: Conceptual model of fouling, crystallite encapsulation and pore plugging of a

supported metal catalyst due to carbon deposition [30].

The reaction mechanism occurring on the catalyst surface to form methane is under investigation for a
long time. However, there is still a variety of proposed reaction mechanisms, surface intermediates and
rate-determining steps. This can be explained by the wide range of catalysts, operating conditions and
the different kinetic approaches to describe the mechanisms. One approach, which is accepted by several
authors, assumes the methanation to proceed via molecular adsorption and subsequent dissociation of
carbon monoxide. This leads to an adsorbed carbon as intermediate on the catalyst surface, which is
stepwise hydrogenated to methane [5,29]. Further the effects of temperature, pressure, hydrogen to
carbon monoxide and carbon dioxide ratio were investigated on the methanation reactions. This happens
in terms of their effects on the conversion of carbon monoxide and carbon dioxide, methane selectivity
and yield, as well as on the deposition of carbon [29,31]. Figure 9 shows how the carbon is distributed
within the different molecules as predicted by the thermodynamic equilibrium in the range from 200 °C
to 500 °C and different pressures. Picture (1) compares the situation for stoichiometric mixtures of
hydrogen and carbon monoxide with a ratio of H»/CO = 3 and picture (2) for hydrogen and carbon
dioxide with a ratio of Ho/CO; = 4. In general, the equilibrium of Eq. 2.14 and Eq. 2.15 is influenced
by temperature as well as pressure. A high methane yield over 99 % can be obtained at temperatures

around 200 °C to 300 °C, a pressure of up to 30 bar and a hydrogen to carbon monoxide ratio over 3
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without significant carbon deposition. On the other hand, an increase in temperature leads to a methane
decrease, whereas the unreacted carbon monoxide, hydrogen, carbon dioxide, and deposited carbon
increase simultaneously. The carbon deposition occurs when the temperature is higher than 450 °C [31].
Carbon formation can be remarkably suppressed if the feed gas contains steam. Impurities such as higher
hydrocarbons (e.g. ethylene) are known to be harmful because they lead to carbon deposition on the
catalyst. Therefore, these compounds should be completely removed in the feed gas to maximize the

methane yield and minimize carbon formation [5].
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Figure 9: Distribution of carbon atoms within the different molecules as predicted by the
thermodynamic equilibrium for stochiometric mixtures of: hydrogen to carbon monoxide with a
ratio of 3 (1) and hydrogen to carbon dioxide with a ratio of 4 (2) in the range from 200 °C to
500 °C and different pressures (1bar = dotted lines, Sbar = dashed lines and 10bar = full line) [5]

These thermodynamic outcomes correspond with a laboratory experiment in which the selective
methanation of carbon monoxide in presence of carbon dioxide was investigated using several nickel
and ruthenium catalysts [32]. Within this experiment a gas mixture, consisting of 0.3 % carbon
monoxide, 80 % hydrogen and 20 % carbon dioxide, was fed to each catalyst at atmospheric pressure
and temperatures between 125 °C and 300 °C. The conclusion of the experimental campaign was that
each catalyst showed a maximum conversion between 200 °C and 250 °C. With further increase of
temperature, a reverse shift reaction occurred which lead to a faster production of carbon monoxide
from carbon dioxide than it was consumed to form methane. When nickel was used as a catalyst material
the amount of carbon monoxide in the produced gas exceeded the amount originally present in the feed
at 300 °C. Furthermore, it was figured out that selective methanation of carbon monoxide in the presence
of carbon dioxide is practicable at atmospheric pressure but that very low space velocities and moderate
temperatures, probably below 225 °C for ruthenium, would be required to achieve low ppm values of

carbon monoxide in the produced gas.
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2.4 Methanation reactor types

The initial industrial application of the methanation has been the removal of traces of carbon oxide from
hydrogen-rich feed gases in ammonia plants. During the 1950s and 1970s the methanation process
management changed from being a gas cleaning step to a main synthesis process. The main difference
in converting synthesis gas with high carbon monoxide concentrations to methane compared to the
originally intended gas cleaning step is the higher amount of the exothermic heat of the reaction. There
are two major objectives in the development of catalysed methanation reactor concepts. The first one is
to control the temperature inside the reactor because the methanation reaction is strongly exothermic
and equilibrium limitation occur at higher temperatures [33]. For stoichiometric mixtures of hydrogen
and carbon monoxide, temperatures significantly above 700 °C can be reached [5]. The second one is
to minimize catalyst deactivation due to thermal stress. The different methanation reactor types
developed up to now can be differentiated according to the heat removal concept applied. Besides a few
special reactor concepts, fixed bed and fluidized bed reactors have been proven suitable to meet these

requirements [33].

Fixed bed reactors

To produce SNG by using a fixed bed design a series of reactors are needed to reach a desired methane
yield. The gas has to be cooled in between the fixed bed reactors due to the strongly exothermic
methanation reaction and the consequently occurring equilibrium limitation. With this process
management (Figure 11) full conversion can be reached with a series of adiabatic reactors with
intermittent and recirculation cooling [32]. Figure 10 shows the temperature profile in a series of

adiabatic fixed bed methanation reactors.
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Figure 10: Temperature profile in a series of adiabatic fixed bed methanation reactors. Dash-
dotted line: equilibrium limitation. Dashed lines: without product gas recycle. Full lines: with
product gas recycle. [5]
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In the 1960s and 1970s Lurgi developed a methanation unit including two adiabatic fixed bed reactors
with internal recycle. Two pilot plants, based on the reactor concept developed in the 1960s and 1970s,
were erected by Lurgi in cooperation with SASOL in Sasolburg (South Africa) and EL Paso Natural
Gas Corporation in Schwechat (Austria) respectively. The two plants were operating for 1.5 years with
the aim to test the performance of a commercial catalyst with 20 wt.-% Ni/Al,O3; and a catalyst with
high nickel content. The used feed gas has a similar composition to that from Table 2 for conventional
gasification. The commercial catalyst showed a fast deactivation. The catalyst with high nickel content
showed a good stability over 4000 operating hours. The adiabatic equilibrium temperature of 450 °C
was reached after 20 % of the catalyst bed for fresh catalyst and after 32 % of the catalyst bed at around
4000 h. This slight deactivation is owed to increasing nickel crystallite size and to decreasing hydrogen

chemisorption by approximately 50 % [33,35].

Another process called TREMP-process (Topsoes recycle energy efficient methanation process) was
developed by Haldor Topsoe A/S. The process is similar to the Lurgi process with the difference that
the TREMP-process decreases the recirculation rate by means of a more temperature stable catalyst.
Figure 11 shows an exemplary fixed bed methanation with intermediate cooling and gas recycle based
on the TREMP-process. Haldor Topsoe A/S developed a new nickel based methanation catalyst, named
MCR-2X, with significantly higher temperature stability to around 700 °C. The catalyst is alumina
supported with a stabilized micro-pore system to decrease nickel crystallite sintering. The surface is
high on nickel and free of alkaline [36]. The developed catalyst is way more active at lower temperatures
of around 300 °C than standard nickel-based catalysts and can keep that activity at lower temperatures
in case the catalyst has experienced high temperatures of around 700 °C before. This characteristic is

useful when the temperature profile goes down due to catalyst deactivation [35,36].

Syngas Reactor 1 Reactor 2 Reactor 3
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Figure 11: Exemplary fixed-bed methanation with intermediate cooling and gas recycle [45]
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Fluidized bed reactors

Large-scale plants which proceed heterogencously catalysed reactions with high exothermicity prefer
fluidized bed reactors because a nearly isothermal operation is possible [33]. The nearly isothermal
operation mode in a fluidized bed methanation reactor is reached by a heat dispersion over a large reactor
volume, such that a significantly increased heat transfer area can be used. Through the movement of the
particles in a fluid the heat transfer to cooling surfaces increases. Technically two modes of operation
for fluidized bed methanation have been developed [S]. One operation mode is a bubbling fluidized bed.
Here the catalyst particles are suspended in the up-flowing reaction gas. The other one is called bubbling
column. In this system three phases are present. An inert liquid phase, the reaction gas and the catalytic
particles. The gas and solid particles are both suspended in the inert liquid phase. With this concept, the
heat transport and the thermal inertia can be improved [37]. In comparison with the fixed bed version
fluidized bed reactors show some advantages. Heat as well as mass transfer are higher, it is possible to
remove, add and recycle the catalyst particles continuously during operations. Further catalyst
deactivation by carbon deposition and the formation of carbon fibres does not appear and carbon

deposition is avoided due to the high particle movement [33,38].
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Figure 12: Thyssengas flow diagram of a bubbling fluidized bed with recycle cooling and
immersed vertical heat exchanger tubes [33]

The biggest fluidized bed reactor to date was erected and operated within the Comflux project in
Germany from 1975 to 1986 by the Thyssengas GmbH (Figure 12). At the development stage of this
project research was done e.g. on catalyst deactivation, attrition resistance and the influence of sulphur
on the methanation [39]. In terms of sulphur poisoning for the catalyst two different catalysts were
investigated in the presence of up to 140 ppm hydrogen sulphide. Both catalysts, nickel molybdenum
(NiMo) and nickel tungsten (NiW) both in metallic and sulfidic form, could handle the presence of

19



hydrogen sulphide. However, a high temperature of around 600 °C to 700 °C and a certain amount of

pressure are necessary to reach equilibrium conversion.

Bubbling column

This type of methanation reactor was development in the terms of introducing a liquid phase to the
fluidized bed (Figure 13). One advantage is that the liquid phase acts as buffer for the emerging heat of
reaction. This behaviour is favourable to keep the reactor above “ignition” temperature when frequent
start-up and shut-down are necessary, for example, in power to gas applications. The used liquid should
have a very low vapor pressure, a high thermal stability and solubility for the reaction gases. Further it
should not react with other species or deactivate the catalyst. To reach a high mass transfer the viscosity
and surface tension should be low [33,37]. The company Chem. System Inc. (United States) conducted
pilot scales tests on bubbling columns with the purpose to produce SNG. After 300 h of operation the

results showed low conversion and high catalyst loss from the bubbling column [5].
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Syngas

Figure 13: Schematic of a three-phase methanation reactor [46]

Finally, a comparison of the three different reactor types for methanation was done. Table 7 summarizes

the positive and negative characteristics of each reactor typ.
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Table 7: Comparison of different reactor types for methanation [37]

Adiabatic fixed bed

Fluidized bed

Bubbling column

Advantages

Drawbacks

High reaction rate

Low mechanical load on
catalyst

Wide range of operation
Simple catalyst handling

Simple dimensioning and
scale up

High thermal load on
catalyst

Removal of heat
challenging

Temperature gradients
Multiple reactors in series

Several compressors and/or
heat exchangers necessary

Effective heat removal
Small temperature gradients
Good mass transfer

Only one reactor necessary

High mechanical load on
catalyst (attrition)

Entrainment of catalyst

Reduction of conversion due to

bubbling

Very effective heat removal
Isothermal conditions

Less sensitive to fluctuating
feed streams

Replacement of the catalysts
during operation

Liquid-side mass transfer
limitations

Backmixing possible

Evaporation and
decomposition of heat
transfer liquid
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2.5 Gas cleaning

The generated product gas from biomass gasification contains mainly gas components such as hydrogen,
carbon monoxide and dioxide and methane. Additionally, impurities are also present. Especially sulphur
compounds are harmful for methanation catalysts. Also tar, nitrogen-containing compounds, particle
matter and higher hydrocarbons influence the methanation process in a negative way and have to be

removed.

Gas cleaning technologies can be divided into three different categories according to the operating
temperature. In general, the range is between -60 °C and 1000 °C. Cold gas cleaning is operating at
ambient temperature and below. Due to product gas temperatures of up to 850 °C at the exit of the
gasifier of a dual fluidized bed system low temperature gas cleaning requires cooling in order to suit the
temperature limits of the downstream filtration system and cleaning reactors [5,40]. Warm gas cleaning
facilities operate at a temperature range of 100 °C to 400 °C. Cooling and/or reheating of the product
gas has to be done depending on the used cleaning facilities [5,40]. Hot gas cleaning units operate
above 400 °C. It is a promising technology that can offer significant efficiency gains in the conversion
process from biomass to e.g. SNG. In the whole process chain of hot gas cleaning no cooling or reheating
of the product gas should be needed [5,40,41]. Table 8 summarizes some advantages and disadvantages

of cold, warm and hot gas cleaning.

Table 8: Advantages and disadvantages of cold, warm and hot gas cleaning [5]

Cold gas cleaning Warm gas cleaning Hot gas cleaning
Advantages - Well-developed and - In operation at small pilot scale - No heating or cooling should
widely used - Hot gas filtration possible be necessary
Drawbacks - Cooling units necessary - Heating and/or cooling units - Temperature resistance of the
- Spent washing liquids need necessary materials is a problem
to be regenerated - No commercial use till now - No commercial use till now

In the following different cleaning technologies for nitrogen, sulphur and chloride containing
compounds as well as particulate matter and tar will be described. Based on this cleaning technologies
the temperature profile of a potential cold and hot gas cleaning process is given. Furthermore, gas

cleaning roots of industrial methane production plants are presented.

Nitrogen and chloride containing compounds:
Ammonia and hydrogen chloride are the main nitrogen and chloride containing compounds in the
product gas. Water scrubber are used at low temperatures to remove both compounds because they are

polar molecules and have a high affinity with water. At high temperatures sorption materials can remove
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hydrogen chloride. The material trona for example is capable of reducing down to 40 ppb at 600 °C
from initially 20 ppm [5]. In terms of ammonia catalytic decomposition to nitrogen and hydrogen or
selective oxidation to NOy is possible at high temperatures [49]. Catalytic materials based on noble

materials like ruthenium or tungsten (W) show good activities for decomposition of ammonia [5].

Sulphur

In the generated product gas sulphur is mainly present in the form of hydrogen sulphide, carbonyl
sulphide, carbon disulphide (CS:) and sulphur containing hydrocarbons [5]. Different cleaning methods
exist to remove these corrosive compounds. Within wet sulphur scrubber liquid solvents are used to
remove sulphur compounds by physical or chemical sorption. Depending on the used solvent hydrogen
sulphide, carbonyl sulphide and sulphur containing hydrocarbons can be absorbed. Wet scrubber operate
in a temperature range of -60 °C to 20 °C [40]. Additionally, regeneration units can be implemented to
recover elemental sulphur. Commonly used solvents are amines such as monoethanolamine (MEA),
diethanolamine (DEA) and methyldiethanolamine (MDEA). Physical absorption is preferred due to
minimal solvent loss and high loadings which can be achieved compared to chemical solvents [5].
Furthermore, sorption materials like zinc-based materials and activated carbon are used to capture
mainly hydrogen sulphide. Figure 14 shows zinc oxide (ZnO) pellets on the left picture and activated
carbon pellets on the right one. These two materials are mostly used in terms of hydrogen sulphide
removal [49,50]. Sorption capacities for zinc oxide and activated carbon are in the range of

0.06 to 0.3 gmsper gzno and 0.3 to 0.7 guas Per Gactivated Carbon respectively [51,65].

Figure 14: Zinc oxide (1) and activated carbon (2) as sorption materials for the removal of

hydrogen sulphide [51,52]

State of the art wet scrubber and sorption materials are not able to capture sulphur species, beside
hydrogen sulphide, efficiently enough to protect the methanation catalyst [5,40]. Due to this, these
species e.g. carbonyl sulphide have to be transformed to hydrogen sulphide. Via hydrogenation for

example carbonyl sulphide is catalytically converted to hydrogen sulphide with hydrogen.
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Particulate matter:

A simple, robust and inexpensive technology to remove large amounts of particles is a cyclone. They
are also an integral part of most dual fluidized bed gasifier to remove bed material from the product gas
[6]. The operation temperature can go up to 1000 °C. Electrostatic precipitators, bed filters, bag filters,
rigid filters and wet scrubber for particle removal can be used as well to reduce the particle load of the
product gas. Table 9 shows the characteristics of these particle removal technologies. A disadvantage
of wet scrubber is that a complete removal of impurities needs big and therefore cost intensive columns
[5,39]. In case of hot gas filtration, the sulphur and alkali content in the product gas can be reduced
inside the filter by adding high temperature sorption materials [41]. Up to now, most conventional high

temperature filtration units cannot ensure long-term stable operation for temperatures above 450 °C [5].

Table 9: Characteristics of particle removal technologies [5]

. Electrostatic - wet
Unit  Cyclones s bed filters bag filters rigid filters scrubber
Operating oC <1000 <500 <870 <370 <1150 <100
temperature

Pressure drop Pa 500-3000 30-400 1000-6000  600-2300  1000-10000  100-1000

Dust
concentration g m? <1000 <50 <100 <100 <100 <10
raw gas

Dust

concentration mg m? > 100 >25 <10 1-10 <1 >10
clean gas
Filtration
grade

Tar:

Tar consists of condensable organic compounds. They vary from primary oxygenated products to
heavier deoxygenated hydrocarbons and polycyclic aromatic hydrocarbons. An intergovernmental effort
has defined tar as all hydrocarbons with molecular weights greater than that of benzene [53]. Tar can
condensate during the cleaning process if the temperature drops under their dew point. This lead to
operational problems like plugging of piping and fouling of equipment as shown in Figure 15. In
contrast to this, tar separated from the product gas stream contain a considerable amount of energy.
Therefore, tar can be combusted as an additional fuel compound. Furthermore, they can be converted to
lower molecular hydrocarbons like methane. This can be done via catalytic, thermal or plasma assisted
cracking of the tar molecules. Thermal cracking decomposes tar into lighter hydrocarbons at

temperatures from 900 °C to 1300 °C and residence times from 0.5 s to 5 s respectively [42].
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Figure 15: Plugging of piping (1) and fouling of equipment (2) [48]

Since the outlet temperature of the gasifier is not high enough for thermal cracking, the product gas
needs to be heated up. Catalytic cracking of tar molecules operates at temperatures from 600 °C to 900
°C and hence can be operated without heating up the product gas. As catalysts natural compounds, e.g.
dolomites, olivine or ferrous metal oxides as well as synthetic compounds, e.g. char, alkali metal
carbonates or activated alumina are in use [5]. Plasma assisted cracking is very effective for removal of
tar from biomass gasification gas at higher temperatures but suffers from a number of disadvantages
such as limited lifetime of the pulsed power devices, their high costs, and high energy demand of the

overall process [49].
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Figure 16: Simplified process flow diagram of OLGA [48]

Beside the high temperature conversion methods tar can be removed physically. At temperatures below
450 °C tar start to condensate and the resulting tar aerosols can be removed from the product gas with
e.g. wet scrubber [39]. Wet scrubber, however, dissolve the tar in the wash liquid. The lower the

operating temperature of the scrubber, the more tar compounds condensate. The efficiency of wet
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scrubber can be improved when oil is used as solvent. Figure 16 shows a simplified process flow
diagram of a multi stage tar removal concept called OLGA developed by the Energy Research Centre
of the Netherlands (ECN). Experimental procedures tested the system downstream a 500 kW, air blown
circulating fluidized bed gasifier. The tar load of the generated product gas is around 15 g/Nm®. The
results showed that heavy tars are removed completely, light and hetero cyclic tars were reduced down
to 0.01 % respectively [48]. OLGA is based on a multiple stage scrubber in which the gas is cleaned by
special scrubbing oil. In the first section (the collector), the gas is cooled down by the scrubbing oil.
Heavy tars are removed at this stage. In the second stage (the absorber/stripper), lighter gaseous tars are
absorbed by the scrubbing oil resulting in a product gas practically free from tar and solids. In the
absorber column, the scrubbing oil is saturated by these lighter tars. This saturated oil is regenerated in
a stripper. Hot air is used to strip the tars of the scrubbing oil. All heavy and light tars can be recycled
to the gasifier where they are destructed and contribute to the energy efficiency. Between the collector
and the absorber, a wet electrostatic precipitator (w-ESP) is installed to remove fine solid aerosols from
the product gas. Besides OLGA single packed columns are commonly used to physically remove tar

from the product gas stream with the use of rapeseed methyl ester (RME) as solvent.

Industrial methane production plants and their gas cleaning solutions [5,33]:

Figure 17 shows a block flow diagram of the 1 MWgsng demonstration plant in Giissing (Austria). A
FICFB gasifier is used to produce the product gas. This gasification process gasification process is
operated in Giissing since 2002 for a combined heat and power (CHP) plant and has reached more than
40000 h of operation. The conversion of product gas to SNG consist of gas conditioning, fluidized bed
SNG synthesis and gas upgrading. The entire process chain has the potential for lower investment and

lower operating cost than conventional fixed bed SNG synthesis [70].
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Figure 17: Block flow diagram of the 1 MWgng demonstration plant in Giissing (Austria)
converting wood derived producer gas to SNG [33]
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The SNG-production plant from in Gothenburg is the largest SNG-product plant from biomass till now.
A SNG-output of up to 20 MWgne can be reached. Figure 18 show the simplified principal layout of
the plant. First, a dual fluidized bed gasifier generates the product gas. After cooling and filtering the
product gas enters the RME-scrubber. Here a near complete tar removal is executed. Spent RME
including tar is recycled to the combustion reactor acting as fuel. Next a series of fixed bed reactors,
filled with activated carbon, are installed to capture the remaining tar. The four beds are operated
alternately and when saturated they are regenerated by steam. Afterwards the product gas is pressurized
to 16 bar in a six-stage intercooled compressor. After the pressurization the unsaturated hydrocarbons
are hydrogenated in the olefin hydrogenator and the carbonyl sulphide is hydrolysed in the COS
hydrolyser. The product gas now enters an amine scrubber to remove hydrogen sulphide and
approximately 50 % of carbon dioxide. The remaining sulphur is removed down to 0.1 ppm in a
subsequent sulphur guard reactor equipped with zinc oxide pellets. A part of the product gas is then
shifted in the shift converter to adjust the hydrogen to carbon monoxide ratio and undergoes a pre-
methanation step before the remaining carbon dioxide is removed down to 0.1 % again in an amine

scrubber. Finally, the methanation takes place in four consecutive fixed bed methanation reactors.
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Figure 18: Simplified principal layout of the GoBiGas plant in Gothenburg (Sweden) [5

Table 10 gives some key parameters of the installed gasifiers in Giissing (Austria) and in Gothenburg

(Sweden).

Table 10: Key parameters of the used gasifiers in Giissing in Gothenburg [5,7]

Key parameter (i::i'l:ag) G(o;vl:]zr(;le):;' g Unit
Thermal power gasifier (lhv) 8 32 MW
Cold gas efficiency 70 76 %
Steam to fuel ratio 0.6 N/A kgu20/kgfuel,waf
Abso. water conversion rate 0.2 N/A kgn2o/kgnzo
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2.6 Future of R&D challenges

To break down the complexity of the whole SNG — production process from biomass gasification
research and development is going on for several years. Since to date there are still areas which needs
to be improved. The improvement of methanation catalysts is one topic where intense research is done
[29]. The aim of this research is to find catalyst supporting materials which increase the resistance
against catalyst poisons like sulphur on the one hand and on the other hand withstand higher
temperatures without sintering and loss of activity. In addition to that investigations are made to design
catalytic reactor systems capable of removing heat without costly equipment or high gas recycle rates,

e.g. fluidized bed methanation.

In terms of gas cleaning research activities are investigating cold and hot gas cleaning processes with
the aim to further improve the efficiency of the whole process chain and provide a feasible gas for further
methanation [5]. Especially under investigation, in terms of hot gas cleaning, are the reactive hot gas
filter and integrated desulfurization with methanation to shorten the gas cleaning chain. Of course, an
integrated desulfurization with methanation requires catalytic materials which can handle sulphur
compounds or can be regenerated. Mo-based catalysts are investigated in this context since they are
active in the presence of sulphur species and become even more active when the hydrogen sulphide
concentration is increased [5,29,31,44]. Figure 19 shows a possible flow chart of an integrated high
temperature process for the conversion of biomass to SNG with a combined desulfurization and
methanation without the need for scrubbing. The process would start with gasification of biomass
followed by high temperature filtration to remove particulate matter. After this a high temperature
reforming unit converts tar at temperature above 700 °C. The following unit removes most of the
inorganic sulphur compounds by using a high temperature sorbent like zinc oxide. Afterwards the
methanation unit should include a catalyst which is either tolerant towards sulphur species that are not

removed by the previous sorbent or can be regenerated multiple times.
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Figure 19: Flow chart of an integrated high temperature process for the conversion of biomass
to SNG with a combined desulfurization and methanation [5]
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3 Experimental gasification of biogenic residues

Within the present work the design of gas cleaning facilities for a SNG process from biomass
gasification is executed. Therefore, first of all a gasification experiment with biogenic residues has been
performed. Two stable operation points are targeted, one at around 650 °C and at around 800 °C.
Hazelnut shells were chosen as fuel for the experiment. The generated product gas composition is then
used to further design the gas cleaning processes. On the following pages a description of the test plant
and the experimental procedure is given. Furthermore, the results of the gasification experiment are

summarized.

3.1 Description of the test plant and used fuel

The experimental procedure was executed at the 100 kW, dual fluidized bed pilot plant designed by TU
Wien. This dual fluidized bed concept shown in Figure 20 covers two reactor units which are
interconnected with two loop seals.

4 flue gas

[+ +
P

At o125 mm

H
'
i
!

i
:
:
i

L]
n
+
[+ ,/
[+ = g
£ aNIEIA 3
HE L
g gl |85 |[§ weer
2|82 ||8 oo U M
d (7,@_ % seal E
['d
Ok g 5
. K S
internal wo s T
lm +
gy b
;Rmm j Lg
=
8%
(l;)\-
| fine ash ﬁb)
w removal g
«—steam 2 O
air 3
-—
@125 mm

8 a
s ¥
S 2
e

LOWER
REACTOR (GR)

1030 mm
GASIFICATION

coarse ash |y 4y sf«— steam LLS ES
removal &y, : WA

Figure 20: 100 kW, dual fluidized bed pilot plant designed by TU Wien [9].
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The gasification reactor (GR) consists of two parts, a lower and an upper one. The lower part is operated

as a bubbling bed and the upper one is a counter current column. The combustion reactor (CR) is

operated as a fast fluidized bed. To compensate heat losses of the plant and effectively control the

temperature oil can be injected into the CR. Depending on the operation of the pilot plant temperature

differences of around 100-300 °C are needed between CR and GR. To reach these differences the upper

loop seal can be cooled. Furthermore, the whole plant is equipped with several online temperature and

pressure measurement devices. Additionally, an online product gas composition measurement system is

installed. Table

Table 11: Key parameters of the 100 kW4, pilot plant designed by TU Wien [6]

11 summarizes the key parameters of the test plant.

Key parameter Value Unit
Thermal power gasifier (Ihv) 100 kW
Cold gas efficiency 84 %
Steam to fuel ratio 0.7 kgn20/kgfuel,waf
Abso. water conversion rate 0.31 kgn20/kgn20

Hazelnut shells acted as fuel for the gasification experiment. Table 12 shows the fuel analysis for

hazelnut shells in comparison with wood pellets. Limestone was used as bed material because of its

capability to capture carbon dioxide during SER operation. Figure 21 represents limestone (1) and

hazelnut shells (2) in the shape as both materials were used during operation.

Table 12: fuel analysis of wood pellets and hazelnut shells [54]

Wood pellets Hazelnut shells Value
2 Water <7 <10 wt.-%
:g_ Ash content 550 °C 0.2 1.5 wt.-%odb
;5; Volatiles 86 75 wt.-%
= Lower heating value 19 19 MJ/kgdn
Carbon (C) 51 52 wt.-%db
E é Hydrogen (H) 6 6 wt.-%db
:é é" Nitrogen (N) 0.2 0.4 wt.-%db
= 3 Sulphur (S) - 0.03 Wt.-Yodb
Chlorine (Cl) - 0.03 wt.-%db
& g Arsenic (As) - - mg/gash.db
]
S Natrium (Na) 10 16 mg/gash.dv
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Figure 21: Limestone (1) and Hazelnut shells (2) which were used as bed material and fuel
respectively.

3.2 Experimental procedure

Start-up of the pilot plant:

Heating up the plant to around 400 °C was done via electrical heating devices. From 400 °C wood and
oil were added to the reactors and burned with air. A negative oxygen trend in the product gas is an
indicator that the oxidation takes place. At a temperature of around 800 °C the bed material was
calcined (Eq. 2.13). The calcination of limestone was completed when the carbon dioxide content in the

product gas was declining. Figure 22 shows the bed material flow through the upper loop seal.

Figure 22: Bed material flow through the upper loop seal during heating up the pilot plant
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Operation mode:

First of all, a switch from air to steam as gasification agent had to be done. Then a steady-state operation
at around 650 °C and around 800 °C in the GR was targeted and further reached. Figure 23 shows the
concentration profile of the main product gas components (1) and the temperature profile over the height

of both reactors (2) at a steady operation using hazelnut shells as fuel.
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Figure 23: Main components of the generated product gas from hazelnut shells gasification
received from an online measurement (1) and the temperature profile over the height of both
reactors (2)

3.3 Results

Theoretically the ideal molar ratio of the product gas components hydrogen, carbon monoxide and
carbon dioxide is 7:1:1 for further methanation. This ratio can be reached at a gasification temperature
of around 650 °C with limestone as bed material (Figure 5). Therefore, the collected data from
gasification at around 650 °C are used to evaluate the product gas composition. To create a reference
product gas composition another test run with wood pellets as fuel was executed at the same gasification
temperature of around 650 °C. The evaluation of the respective product gas composition was conducted

by an IPSE simulation.

Table 13 shows the product gas composition from the gasification of hazelnut shells and wood pellets
evaluated by IPSE as well as reference data. This reference product gas composition was finally used to
design the gas cleaning facilities. The reference values for not measured species were received from
other gasification experiments which were executed at similar conditions. Furthermore, the reference
values for ammonia, hydrogen sulphide, carbonyl sulphide, hydrochloric acid and hydrogen cyanate
were calculated by using the fuel analysis given in Table 12 and the literature [10]. The aim of this

calculation was to determinate the highest possible concentrations of these species in the product gas.
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Table 13: Received product gas compositions from the gasification experiment.

advanced 100 KkWw, advanced 100 kWwm, Reference data

TU Wien TU Wien for calculation i
Fuel wood pellets Hazelnut shells Hazelnut shells -
» | TBubbling Bed 654 642 650 °C
£ | Tcoumn 711 817 817 °C
§ Steam to fuel ratio 0.7 1.1 1.1 kg/kg
§ Fuel input 20 17 17 kg/h
-% Product gas yield 0.8 0.7 0.7 Nm?av/Kgfuel dat
& | Product gas power 87 81 81 kW
é Gasification agent steam steam steam -
Bed material limestone limestone limestone -
Operation mode SER SER SER -
£ | Hydrogen (Hz) 65 57 57 vol.-%db
2 E Carbon monoxide (CO) 10 10 vol.-%db
= £ Carbon dioxide (CO2) 16 16 vol.-%d
S| Methane (CHy) 14 14 14 vol.%a
Acetylene (C2Hz) n.m. n.m. 0 vol.-%ab
Ethylene (C2Ha4) 1.6 1.7 1.7 vol.-%ab
Ethane (C2Hs) 1 0.5 0.5 vol.-%ab
Propene (C3Hs) n.m. n.m. 0 vol.-%ab
Propane (CsHs) 0.2 0.05 0.05 vol.-%ab
Ammonia (NH3) 0.1 0.2 0.7 vol.-%ab
Hydrogen sulphide (H2S) 0 0.03 0.02 vol.-%odb
.. | Carbonyl sulphide (COS) n.m. n.m. 0.005 vol.-%odb
£ | Hydrochloric acid (HCI) 0 0.03 0.005 vol.-%%d
é. Hydrogen cyanide (HCN) n.m. n.m. 0.02 vol.-%odb
= | Nitrogen (N2) 0 0 0 vol.-%ab
= | Water (H:0) 47 64 64 vol.%
§ Dust and char n.m. n.m. 2.5 g/Nm>ap
2 | Gravimetric tar n.m. n.m. 0.4 g/Nm>ap
5 GCMS tar n.m. n.m. 7.4 g/Nm’a
é GCMS tar composition
Naphthalene n.m. n.m. 0.9 g/Nm’a
Benzene (B) n.m. n.m. 6 g/Nm>ap
Toluene (T) n.m. n.m. 0 g/Nm>ap
Ethylbenzene (E) n.m. n.m. 0 g/Nm>ap
Xylene (X) n.m. n.m. 0 g/Nm>ap
Critical components in ash
Arsenic (As) - - 0 mg/gash.db
Natrium (Na) 10 16 16 mg/gash.db
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4 Mathematical models for the calculation of gas cleaning

Processes

Based on the experimental data first a scale up to an 8 MW, gasifier was done to represent potential gas
cleaning processes which could be used for industrial scaled SNG-production plants from biomass
gasification. Further on mathematical models were created to design reactors which are able to
efficiently remove the product gas impurities given in Table 13. The major indicator was to provide a
gas which suits the specified limits of the upcoming methanation catalyst. Table 14 shows specified
limits of impurities which are harmful for a nickel based methanation catalyst and reference values
which are used to evaluate the efficiency of the designed gas cleaning processes. Furthermore, each
reactor will be characterized in terms of:

e reactor surface,

e required liquid or solid cleaning agent to reach the specified limits,

e height of the substance-exchanging layer

e required catalysator volume for catalytic reactions

Table 14: Specified limits of a nickel based methanation catalyst from internal research

Product gas components Value Reference data Unit
Acetylene (C2Hz) N/A N/A vol.-%ab
Ethylene (C2Ha4) 0.1-03 0.2 vol.-%ab
Propene (CsHs) 0-0.8 0.4 vol.-%ab
Ammonia (NH3) 1-10 5 ppm
Hydrogen sulphide (H2S) 0.3-30 10 ppm
Carbonyl sulphide (COS) <1 0.8 ppm
Hydrochloric acid (HCI) 0.1-5 2 ppm
Hydrogen cyanide (HCN) <1 0.8 ppm
Nitrogen (N2) <1 0.8 vol.-%ab
Water (H20) 0-30 10 vol.-%
Dust and char N/A N/A g/Nm>ap
Gravimetric tar <0.01 0.005 g/Nm>ap
GCMS tar 0.2-11 3 g/NmPap
GCMS tar composition

Naphthalene <1 0.8 g/Nm’ap
Benzene (B) 0.4-10 3 g/Nm>ap
Toluene (T) N/A N/A g/Nm>ap
Ethylbenzene (E) N/A N/A g/Nm>ap
Xylene (X) N/A N/A g/Nm’ap
Critical components in ash

Arsenic (As) <2000 100 mg/Nm>ap
Natrium (Na) <1 0.8 mg/Nm>ap
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4.1 Reference data for gasifier scale up

To scale up the gasifier from 100 kWy, to 8 MWy, the product gas yield (yys) and the lower heating

value (H,,) were used. Table 15 summarizes the values for these two parameters.

Table 15: Used parameters for the gasifier scale up

Parameter Unit Value
Nm3, 0.7
YHs kgHS,daf
Mj / 19
h, kgus,an

First the mass flow rate of the fuel (11y5) is calculated (Eq. 4.1). Then the volumetric flow rate of the

product gas (Vpg) is received by multiplying the mass flow rate of the fuel (115) with the product gas
yield (Vys) (Eq. 4.2).

) Ecasifier 8 MWy tap

tg =~ = 36 = 15 0 Fq. 4.1
S B Nm3,

Vpg = mys * yys * 1000 = 1050 n Eq. 4.2

According to the literature the volumetric product gas flow rate of an 8 MWy, gasifier using wood pellets
as fuel is 1800 Nm*/h [7]. Therefore, an efficiency reference () of 1.6 is introduced to compensate the

difference as shown in Eq. 4.3.

Nm3,

Ve = Vpg *1 = 1680 Eq. 4.3
The calculated volumetric flow rate (VPG,,]) in Eq. 4.3 is water free. The amount of water is 64 vol.-%
according to the evaluated reference product gas composition given in Table 13. The calculated
volumetric flow of water (VHZO) is given in Eq. 4.4. To receive the mass flow out of the volumetric

water flow, the specific volume of water (v) at 1 bar and 650 °C is used. Eq. 4.5 shows the calculated

water mass flow.

) Voen 3
Vio = 0.64 x ——1_ = 2986 "
Hz0 "1-064 n Eq. 4.4
~ t
0 = —————* Vo * 7= 1.5
itz V1 bar,650 °C " H0 1000 h Eq. 4.5
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With further knowledge of the parameters cppg, Mpg, ppg the product gas is fully defined to design the
gas cleaning reactors. The average molar mass of the product gas Mp,; is calculated by dividing the sum
of the product gas species masses m, p; through the sum of their respective molar amount n, p; as
given in Eq. 4.6. By further dividing Mp¢ through the molar volume V,, y at norm conditions, which is
at 0°C and 1 bar, the average density pp is calculated (Eq. 4.7). The specific heat capacity cpp¢ is

received from the literature [55].

= Zalczl My, pg kgan daf
My, = =22 277 g 22
PG 31511 Ny pg kmol Eq. 4.6
Bpg = Mpg _ Mpg —0 6kgdb,daf
PG = = = U
Vm,N 22.4 % m3 Eq 4.7

Table 16 summarizes the defined product gas parameters which are needed, apart from the product gas
composition, to design the gas cleaning reactors. According to internal research the dust and char content

in the product gas is assumed to be < 5 mg/Nm? at the exit of the filter.

Table 16: Defined parameters of the product gas

Variable Unit Value
Tre °C 650
. Nmg, A 1680
My,0 t/ h 1.5
Prg k]/kmol * K 33
MPG kgdb,daf /kmol 14
Prc kgdb'daf/ m3 0.6
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4.2 Models for reactor design

On the following pages the individual reactors were designed in order to create two types of gas cleaning
processes, a cold and a hot one. Based on following mechanisms, mathematical models for the reactors
of both gas cleaning processes were created:

e Absorption [56]

e Adsorption [56]

e Hydrogenation [57]

e Steam reforming [58]

e Decomposition [5,49]

Additionally, thermal calculations are done.

First of all, the reactor surface is calculated as shown in Eq. 4.8. The reactor surface depends on the
existing temperature at the respective stage of the gas cleaning processes. The admissible gas velocity

W, is assumed to be constantly 1.19 m/s [55].

273.15 + Ty
273.15
Wg

Vy *
A, =

Eq. 4.8

Absorption:

The term absorption describes the process of gas or vapor solution in a liquid medium. Starting point
for the calculation is defining an appropriate solvent to remove harmful impurities from the product gas.
Water, rapeseed methyl ester (RME) and amine are chosen for the cold gas cleaning process. Next the
related molar fractions in the gas (Yy 4, Yx ) and liquid (Xy 4, Xx ) phase are calculated for the
respective impurity X. Yy , calculated in Eq. 4.9 describes the molar fraction of species X in the gas

phase at the entry of the respective column.

n s n M
Yo = Lx=1Mpc x _ Lx=1MMpc x Eq. 4.9
Xa = = - r—
Gr Mpe — Lx=1Mpc x

By choosing a desired separation efficiency (f) the molar fraction of the impurity X in the gas phase at

the exit of the scrubber (Yy ,,) is calculated (Eq. 4.10).
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(1 — £ﬁ0) * Xx=11MpG x (1 - %) * Lt=17Mee.x Eq. 4.10
Yy, = = « 4
X,w Gr Mpg x — ZE:l Mpg,x

With the choice of the separation efficiency (f), the amount of absorptive can be calculated as well

(Eq. 4.11).

ﬁ n
Tigps = —— ¥ E T
Abs 100 =1 PG,X Eq. 4.11

In this calculation, the assumption was made that the absorbent enters the column without
contamination. This means that the molar fraction of the impurity X in the liquid phase at the entry of

the reactor (Xy ) is equal to zero (Eq. 4.12).

Xxa=0 Eq. 4.12

The knowledge of the solvent stream (L) is necessary to calculate the molar fraction of the impurity X
in the liquid phase at the exit of the reactor (X ). For this reason, a species balance around the reactor

is done (Eq. 4.13).

GT LT
YX,(J) XX,O(
T
| |
| | Lrmin * Xxoa + Gr * Yy 0 = Lrmin * Xx0max + 01 * Yx,0
| |
‘ . Eq. 4.13
| Absorption : L _ Gr * (YX,O( — YX,w) _ MAabs ¥
| T, min = -

: column | XX,w,max - XX,O( erw,max - XX,O(
| |
| |
| |
[ P R 1

GT LT

Y,

X, X,

The missing variable X ,, mqx in Eq. 4.13, which describes the maximal molar fraction of the impurity
X in the liquid phase at the exit of the reactor, is calculated by using the equilibrium equation (Eq. 4.14).

Xx wmax 18 in equilibrium with Yy ,.

YX — HX,Y " XX
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Now the minimum solvent stream (Lt i) in Eq. 4.13 can be calculated. The effective solvent stream
(L7) is obtained with Eq. 4.15. The minimum solvent ratio (v,,;,) in this equation states that the
incoming gas phase with the loading Yy , is just in equilibrium with the liquid phase which leaves the

reactor. In practice the solvent ratio (v) or the solvent stream (L) is 1.3 to 1.6 times higher than the

minimum ones.

L Ly mi
V=== (1.3 = 1.6) * vypyp = (1.3 — 1.6) » 2
Gr Gr

Eq. 4.15
Ly = (1-3 - 1-6) * LT,min

Alternatively to Eq. 4.15, the respective solvent streams (L) can be received using a solubility diagram.
In case of tar and ammonia + hydrochloric acid absorption in RME and water respectively such diagrams
could be evaluated (Figure 24) [55,59]. For hydrogen sulphide and carbon dioxide absorption in

methyldiethanolamine no values could be evaluated and therefore just Eq. 4.15 was used to describe the

solvent streams (L7).
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Figure 24: Solubility diagram for tar in RME (1) and ammonia + hydrochloric acid in water (2)
[55,59]

Eq. 4.16 shows how to calculate the solvent stream (L) by using the solubility diagram.

L ”.lAbs
r=——
Cry Eq. 4.16

With Ly the molar fraction (loading) of the impurity X in the liquid phase at the exit of the reactor (Xy )
can be calculated (Eq. 4.17).

Ly Eq. 4.17
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The height of the substance-exchanging layer (z4;) is calculated with the HTU/NTU-concept (Eq. 4.18
to Eq. 4.21).

The HTU/NTU-concept is commonly used in absorption technology. Eq. 4.19 shows the equation to
calculate the number of transfer units (NTU). In this equation dYy corresponds to the achievable
concentration change of the gas phase in the height element dz of the bed. This concentration change

takes place because of the driving force Yy — Yy.

Yo Eq. 4.19

NTU = f dYy _ Yo = Yxw

v YX - YX* (YX - YX*)ln,m
; (Yx =Yy Do — x — %)

(Y = Y i = ————o——=2 Eq. 4.20

In ((YX YX* )a

(YX - YX )W
Gr Eq. 4.21

HTU =

kGy*‘p*a*Ac

The height of the transfer unit (HTU) is calculated with Eq. 4.21.
HTU decreases with:
e sinking volume flow rate of the product gas (Gr)

e increasing material transition coefficient (kg )

e increasing specific surface of the bulk material («)
Adsorption:

Adsorption describes the deposition of a component out of the gas phase onto the surface of a solid. In
the framework of adsorptive gas cleaning for further methanation solids like zinc oxide (ZnO) or
activated carbon can be used. The related mass fractions in the gas phase (Yy 4, Yx ) and on the solid
surface (Xx o, Xx () are defined first, similar to the calculation procedure of absorption.

Instead of molar fractions (absorption) mass fractions are used for the calculation (Eq. 4.22). The reason

for this is that the sorbent manufacturers provide the sorption capacity for their products in g/kg.

n s n s
Yo = %=1 Mpex XX=1 Mpg,x
Xa = == R
Gr Mpg — Zx=1 Mpg,x

Eq.4.22
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By selecting a desired separation efficiency (8) the calculation of the mass fraction Yy, and the

adsorbed mass flow 1,4 can be done (Eq. 4.23 and Eq. 4.24).

(1 — £ﬁ0) * XX=1"MpG,x (1 - %) * Lt=17Mpe.x Eq. 4.23
Yy, = = : 4
X, Gr Mpg — X¥—1Mpg x

ﬁ n
Tags = o * E m
Ads 100 X=1 PG, X Eq. 4.24

As for absorption the assumption was made that the provided adsorbent is without contamination (Eq.

4.25).

Xxa =10 Eq. 4.25

The mass fraction Xy ,, indicates the equilibrium loading of the respective absorbents. ¢ is a correction

factor as operational conditions decrease the adsorption capacity (By x) (Eq. 4.26).
Xxw = Byx *€ Eq. 4.26
The bulk density py in Eq. 4.27 is provided by the manufacturer for the respective sorption material.

With the knowledge of py and the assumption that the bulk height of the sorption material (z445) is 1 m
the regeneration cycle (t,) can be calculated (Eq. 4.27).

_ Gr * (YX,a - Yx,w) * Ty _ Sy
(Xx,w - XX,a) xpyx A Py * Ac

Zpds Eq. 4.27

Catalysator volume [68]:

The required catalysator volume (V,,;) to proceed the reactions for hydrogenation, steam reforming and

decomposition is calculated by using the product gas volume flow (Vpg) and the residence time (7) (Eq.

4.28).

= VPG Eq. 4.28
Veat a4

Q|
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Hydrogenation:

To fully define the hydrogenator the knowledge of the catalysator volume (V.,;) (Eq. 4.28) and the
molar amount of resulting C,Hs (Eq. 4.29) and COS (Eq. 4.30) molecules is necessary. Additionally,
the hydrogen (H>) amount for the hydrogenation reaction (Eq. 4.29) has to be calculated.

k
CHi(g) + Hy(g) & GHe(g) AH=-137 "/ Eq. 429
k
€0S(g) + Hy(g) & H,S(g) + Co(g) aH=7"/ Eq. 430
. Ny xMy
ny = My, Eq. 4.31

With the stochiometric relation shown in Eq. 4.31 the hydrogen amount as well as the molar amount of

resulting C,Hs and COS molecules can be calculated.

Steam reforming:

The steam reforming reaction is a catalytic reaction as well. The catalysator volume (V,,;) is calculated
with Eq. 4.28. The assumption was made that benzene represent tars and that only the steam reforming
reactions (Eq. 4.32 and Eq. 4.33) take place. To calculate the molar amount of the products and educts
Eq. 4.31 was used.

Colls(9) + 6 H,0(g) & 6 CO(g) + I Hy(g) AH =752M/ Eq.4.32
CeHs(g) + 12 H,0(g) © 6 CO,(g) + 15 H,(g) AH = 547 k]/mol Eq. 4.33
Decomposition:

To calculate the catalytic decomposition of ammonia Eq. 4.34 was used. Again, the catalysator volume
(V.qt) and the molar amount of the occurring products was calculated with Eq. 4.28 and Eq. 4.31

respectively.

2NHs(g) & No(g) +3H,(g) aH=111"/ Eq. 434

Heat balance:

To cool down and remove the water content from the product gas the following approach was chosen

(Eq. 4.35 to Eq. 4.37):
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Qcool = QPG + QHZO Eq. 4.35
QPG = Mpg * CPpg * (TPG,in - TPG,out) Eq. 4.36

QHZO = mHZO * AhHZO,condense Eq.4.37
The condensation enthalpy of water Ahy, o congense 1S received from the steam table.

To balance the heat during the respective cleaning process the heat of reaction and/or the condensation

heat of the involved species was considered (Eq. 4.38). In case of tar adsorption, the condensation heat
of benzol (Ah;penzor = 31 %) was used to describe the occurring thermal amount (Eq. 4.39). To
describe the thermal situation of hydrogen sulphide adsorption during hot gas cleaning also the
condensation heat of hydrogen sulphide was used (Ah. y,s = —21 %) (Eq. 4.40). For the absorption

processes, except tar adsorption in the RME-scrubber, the assumption was made that no heat is released
or needed. Table 17 summarizes the heat of reaction for the different chemical reactions occurring at

the respective temperature during the cold and hot gas cleaning process.

QReaction =ny *AH Eq. 4.38
QReaction = Nrar * ARc genzo Eq. 4.39
QReaction = lezS * Ahc,HZS Eq. 4.40

Table 17: Heat of reaction for the different chemical reactions occurring at the respective

temperature during the cold and hot gas cleaning process received from HSC 6

Principal Cold gas cleaning AH ﬂ Hot gas cleaning AH ﬂ
mol mol
Adsorption Zn0 + H,S © ZnS + H,0 333 Na,CO0; + 2HCl & 2NaCl + CO, + H,0 -142
2NaOH + H,S & Na,S + 2H,0 22
Steam reforming - CeHg + 6 H,0 < 6 CO + 9 H, 752
R CeHe + 12 H,0 & 6 CO, + 15 H, 547
Hydrogenation CoHy + H, & CHg -137 CoHy + H, & CoH -137
COS + H, & H,S + CO 7 COS + H, & H,S + CO 7
Decomposition - 2NH; < N, + 3H, 111
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5 Design of gas cleaning processes

A potential design of a cold and hot gas cleaning process is described in this chapter. The design is based

on the mathematical models for the individual reactors shown in Chapter 4.

5.1 Concept for cold gas cleaning

Figure 25 shows the flow chart of the calculated cold gas cleaning process. The basic idea of this reactor
arrangement is from [57]. Figure 25 is slightly modified.

Hot product gas leaves the gasifier, dust is separated via a cyclone and the gas is cooled successively by
two heat exchangers, down to 180 °C. Next, a filter removes most of the solid particles from the gas

stream. These solids, mainly composed of char, can be returned to the combustor as additional fuel.

The gas stream is then directed to a scrubber where rapeseed methyl ester (RME) absorbs tar molecules.
Additionally, the solid particle concentration can further be reduced. The liquid solvent (RME) also
cools down the product gas to approximately 40 °C. Thus, the water content can be reduced down to
approximately 6 vol.-%. This amount of water is within the specified limit of 10 vol.-% for the
methanation catalyst. The condensed water leaves the absorber together with the organic solvent and
the absorbed tar. Spent RME can be regenerated and fed back to the scrubber or sent to the combustor

for final disposal. The water can be used to produce steam to serve as a gasification agent.

The product gas now almost free of tar and water is fed to a reactor equipped with an activated carbon
filter. The activated carbon can adsorb traces of tar and sulphur components. Chemical and physical
adsorption processes occur. Hydrogen sulphide is chemical adsorbed by either adding oxygen to the
product gas or by impregnating the activated carbon with natrium hydroxide (NaOH). Adding oxygen
to this type of product gas can lead to oxidation reactions which is very dangerous. Therefore,
impregnated activated carbon is chosen as sorbent for adsorbing hydrogen sulphide. Tar adsorption
occurs as physical adsorption were the molecules stick on the activated carbon surface. The
condensation heat is used to describe and calculate this physical tar adsorption process. At the exit of
the activated carbon filter the tar content has to be reduced to under 3 g/Nm’q, to meet the specified limit

of the methanation catalyst.

Next the product gas reaches a water scrubber. Ammonia and hydrochloric acid are polar molecules and
have a high affinity to water. This lead to high separation efficiencies. The spend water can be
regenerated and feed back to the absorber. The specified limit of the methanation catalyst for ammonia
and hydrochloric acid is 5 ppm and 2 ppm respectively. Then the gas is compressed and cooled to

increase the pressure for the methanation without heating up the product gas. As mentioned in the first
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chapter, the methanation reactions favour high pressure and low temperature. Therefore, a pressure of

around 10 bar is set.

The pressurized product gas then reaches a hydrogenator. Here the hydrogenation of alkenes to alkanes
take place. Furthermore, carbonyl sulphides are transformed into hydrogen sulphide at this stage. The
hydrogen demand for the reactions can be consumed directly from the product gas. For further
methanation the specified limits for alkenes and carbonyl sulphides are 0.2 vol.-%q, and 0.8 ppm

respectively. A zinc-based catalyst is supporting the hydrogenation.

In case of hydrogen sulphide brakes through the activated carbon bed or results from carbonyl sulphides
transformation an amine scrubber is installed. Different amine-based solvents exist. The solvent
methyldiethanolamine can absorb hydrogen sulphide and carbon dioxide. The additional carbon dioxide
removal can be beneficial because a simultaneously carbon monoxide and carbon dioxide methanation
is difficult to execute. Furthermore, the ratio between hydrogen and carbon dioxide can be adjusted to
the ideal of 4:1. At the exit of the amine scrubber the hydrogen sulphide content has to be under 10 ppm

to meet the specified limit of the methanation catalyst.

Before entering the methanation reactor the product gas can enter guard reactors if necessary. These
reactors can be equipped with different adsorbent materials e.g. zinc oxide, depending on the remaining
harmful compounds to be removed from the product gas. Special attention is payed to sulphur
compounds as these compounds are harmful for the sensitive methanation catalyst. Thus, a fixed bed

reactor equipped with zinc oxide is installed at the end of the cold gas cleaning section.
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5.2 Concept for hot gas cleaning

In recent years growing research and attention has been payed to hot gas cleaning systems because the
process should have a lower energy demand than conventional wet scrubbing processes. Furthermore,
the waste water disposal problem can be greatly reduced because of mostly catalytic reactions [60].
Figure 26 shows a flow chart of the calculated hot gas cleaning section were the product gas can be
used for further methanation. It should be noted that in comparison with hot gas cleaning, cold gas

cleaning systems are well developed and commonly used today [5,60].

Directly after the gasifier and cyclone the product gas enters a hot gas filter where solid particles are
removed from the gas stream. This type of hot gas filter is usually equipped with porous ceramic filter
candles at the inside. The separated solids can be returned to the combustor for supporting the oxidation

as it is done at the cold gas cleaning section.

Next, the nearly solid-free product gas reaches a fixed bed reactor filled with trona
(Na2CO3*NaHCO32H,0) and zinc titanium oxide (ZnTiOs) in the ratio 2:1. Trona is a mineral which
adsorbs hydrogen chloride and zinc titanium oxide is an inorganic compound which adsorbs hydrogen
sulphide. After this cleaning process the hydrogen chloride content has to be under 2 ppm to meet the

specified limit of the methanation catalyst.

The product gas is then directed to a steam reformer. Since steam reforming reactions are strongly
endothermic, heat is required to process the product gas. The required heat can be provided e.g. via an
electrical or jacket heating at the outside of the reactor. As steam reforming catalyst a precious metal
with low methane activity, like platin or nickel supported with copper, is used. The methane activity can
be further lowered by decreasing the reforming temperature. High tar conversion, with precious metals,
can be obtained already at around 850 °C, whereas temperatures above 900 °C are required to have a
high methane conversion. Additionally, precious metal catalysts are highly active in converting organic

sulphur compounds and have a low affinity to coke formation but their price is high.

After the steam reformer the product gas enters a reactor where ammonia is catalytically decomposed
to nitrogen and hydrogen. Iron catalysts are used for the decomposition. Temperatures above 800 °C are
typically needed when the reaction takes place in the presence of other gas components such as
hydrogen, carbon monoxide, carbon dioxide or synthetic mixtures of these gases. According to the
specified limit of the methanation catalyst the ammonia content has to be lower than 5 ppm at the exit

this reactor. Furthermore, the amount of resulting nitrogen has to be lower than 0.8 vol.-%oqp.
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Next, the product gas is directed into a drier where the water content can be reduced to 6 vol.-%. The
water content is in the range of the specified limit of the methanation catalyst. The gas temperature after

the drier is at around 40 °C.

To protect the upcoming compressor against any remaining tar molecules a fixed bed reactor equipped
with activated carbon is installed. As for the cold gas cleaning a mixture of impregnated and standard
activated carbon is chosen to remove remaining tar as well as hydrogen sulphide molecules. According
to the specified limit of the methanation catalyst the tar and hydrogen sulphide content have to be lower

than 3 g/Nm’s and 10 ppm respectively.

Then the product gas is compressed and cooled to set the conditions for the methanation. Similar to the
cold gas cleaning section the dried, compressed and cooled product gas enters a hydrogenator equipped
with a zinc-based catalyst to hydrogenate alkenes to alkanes and carbonyl sulphides to hydrogen
sulphide. For further methanation the specified limits for alkenes and carbonyl sulphides are 0.2 vol.-

%ab and 0.8 ppm respectively.

As for the cold gas cleaning process a guard reactor equipped with e.g. zinc oxide is installed to further

reduce harmful species like hydrogen sulphide

Finally, Figure 27 shows a flow chart of the whole SNG-production process from hazelnut shells

gasification including the hot (1) and cold (2) gas cleaning process.
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6 Calculation results for gas cleaning processes

Based on the mathematical models shown in Chapter 4 the calculation results of each reactor from both

gas cleaning processes given in Chapter 5 is represented. Furthermore, a flow chart of the respective

reactor is displayed which includes all significant parameters. The characterisation of each reactor, the

made assumptions and the complete set of calculated parameters (Eq. 4.8 to Eq. 4.40) can be found in

the appendix (Table 36 to Table 56).

6.1 Cold gas cleaning reactors

RME-scrubber
mPG,out
% TPG,out
mTar,out

~—K

mPG,in
TPG,in

mTar,in

mHzo,in

treatment
RME,,;
mHZO’Out e XTar w

Figure 28: Flow chart of the RME-scrubber

The incoming product gas mass flow (71pg ;) into

the RME-scrubber (Figure 28) is 1063 %g with a
tar content (Mrqyin) of 13 %g. Additionally,

1500 %g of water (mMy,pn) enters the RME-

scrubber as well. The inlet temperature of the gas is

180 °C. After the absorption process the tar content

. . k
(Mraroue) is 0.1 Tg. The mass flow of water

m is reduced to 90 k—g. Table 18
( HZO,out) 3

summarizes some key parameters of the RME-

scrubber.

Table 18: Parameters of the RME-scrubber

Parameter Value Unit
Ly (Eq. 4.13) 298 kg

T (Eq /h
Ly (Eq. 4.16) 30 kg

T (Eq /h
Zabs 9 m
AColumn 1.8 mz
TPG,out 40 OC
Q'wol 1.2 Mw
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Figure 29: Flow chart of the activated carbon filter

After the RME-scrubber a product gas mass flow
(Mpg,in) of 1050 %g enters the activated carbon
filter shown in Figure 29. The tar (774, ;) and

hydrogen sulphide (1 y,s i) content is 0.13 %g and

0.5 %g respectively. After the adsorption process

the tar (Mrgroye) and hydrogen sulphide

(Mpy2s.0ut) content is reduced to 1 % and 25%

respectively. Table 19 summarizes some key
parameters of the activated carbon filter. The
standard activated carbon (AC,st) adsorbs tar and
the impregnated activated carbon (AC,impr)

adsorbs hydrogen sulphide.

Table 19: Parameters of the activated carbon

filter
Parameter Value Unit
Zads 1 m
Acorumn 0.45 m?
tacst 39 days
tac,impr 10 days
SAC,st+impr 540 kg
Tpg out 40 °¢
Qreaction 74 w
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Water-scrubber

MpG,out A product gas mass flow (1ipg i) of 1049 %g
q T, . . .
pG.in enters the water scrubber shown in Figure 30. The
P ( MHcLout incoming amount of hydrogen chloride (Tycyin)
m
NHsout and ammonia (1, ;) is 0.14 %g and 9 %g
A
Zaps Ly respectively. After the absorption process 1.3 % of
MpG,in hydrogen chloride (1¢; oy¢) and 89 % of ammonia
TPG,in . .
(MyH,,0ut) are left in the product gas. Table 20
Myciin .
. v summarizes some key parameters of the water-
m .
NHg in scrubber.
Table 20: Parameters of the water-scrubber
Watery, Parameter Value Unit
vV solvent XHCl+NHsa Ly (Eq. 4.13) 4060 kg/h
treatment L, (Eq. 4.16) 15 kg /
h
Water,,; Zabs 34 mz
Acoumn 0.45 m
XHCl+NHz,0 T out 40 °C

Figure 30: Flow chart of the water-scrubber
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Figure 31: Flow chart of the hydrogenator

After increasing the pressure to around 16 bar

without heating up the product gas a total mass flow
of 1040 %g enters the hydrogenator shown in

Figure 31. The incoming amount of olefin

(Mc,n,,m) and carbonyl sulphide (7cogin) is
36 %g and 0.2 %g respectively. The olefin content
(Mc,H,,0ut) 1 reduced to 0.36 %g and the amount
of resulting C;Hs (e, p, out) 15 38 %g. Carbonyl
sulphide (T¢ps oyt) 1s reduced to 2 % whereas the
hydrogen sulphide (1M, s,0y¢) content increases to

0.15 %g. Table 21 summarizes some key parameter

of the hydrogenator.

Table 21: Parameters of the hydrogenator

Parameter Value Unit
Vear 0.3 m3
My, usea 2.6 kg / 1
Acormn 0.55 m?
TPG,out 1 1 1 OC
QReaction - 46 kw
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Amine-scrubber
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Figure 32: Flow chart of the amine-scrubber

Finally, a mass flow (1pg i) of 1040 %g enters the

amine scrubber shown in Figure 32. The incoming

amount of carbon dioxide (1Mo, ;n) and hydrogen
sulphide ~ (ry,sm) is 528 °2 and 0.5 %2

respectively. After the absorption process hydrogen

sulphide (M, s 0u¢) and carbon dioxide (Mco, out)
are reduced down to 1.5 %and 264 %g respectively.
The total product gas mass flow leaving the amine
scrubber  (thpgou) is 825 °L  Table 22

summarizes some key parameters of the amine-

scrubber.

Table 22: Parameters of the amine-scrubber

Parameter Value Unit
Ly (Eq. 4.13) 1155 kg

T (Eq /h
Ly (Eq. 4.16) N/A kg

T (Eq /h
ZAbS 15 m
Acotmn 0.55 m?
TPG.out 66 OC
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6.2 Hot gas cleaning reactors

Trona and zinc-titanium-oxide filter

R

mPG,out
A T,
Zads PG,out
m
) tTrona HCl,out
mPG,in .
tzntios "M, 0ut
TPG,in
. SZnTi03 +Trona
Mucl,in
. \4
mHzS,in

~_

Figure 33: Flow chart of a reactor filled with trona and
zinc-titanium-oxide

The incoming product gas mass flow (71pg ;) into
the adsorption reactor (Figure 33) is 1063 %g with
a temperature of Tps ;, = 650 °C. The hydrogen
sulphide (My;s in) and hydrochloric acid (¢ in)
content is 0.5 %g and 0.14 %g respectively. After
the adsorption process the product gas mass flow
(Mpg,out) 1s 1062 %g with a hydrogen sulphide
content (Mpyzs oyt) of 26 %. The hydrochloric acid

content (Mpycpoyur) belongs to 7 %. Table 23

summarizes some key parameters of the trona +
zinc-titanium-oxide  filter. ~ Trona  adsorbs
hydrochloric acid and zinc-titanium oxide adsorbs

hydrogen sulphide.

Table 23: Parameters of the trona + zinc-

titanium-oxide filter

Parameter Value Unit
Zpds 1 m
AColumn 3.7 mz
trrona 227 days
tznrios 15 days
SZnTiO3 +Trona 4417 kg
TPG,out 650 °C
QReaction -0.2 kw
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Steam reformer
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Figure 34: Flow chart of the steam reformer

A product gas mass flow (mpg,) of 1062 %g
enters the steam reformer shown in Figure 34. The
incoming amount of tar (Mrgyin) is 13 %g. To

initiate the steam reforming reactions the
temperature has to be increased to around 850 °C.

After the steam reformer the tar content (Mg oyt )
is reduced down to 0.13 %g. Table 24 summarizes

some key parameters of the steam reformer. Q;, is
the amount of energy which hast to be provided to

heat up the product gas from 650 °C to 850 °C.

Table 24: Parameters of the steam reformer

Parameter Value Unit
Veat 0.65 m3
mHzO,used 27 kg/h
AColumn 4.5 mz
TPG,out 850 °C
Oin 280 kw
QReaction 30 kw
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Decomposer
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Figure 35: Flow chart of the decomposer

Product gas dryer
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Figure 36: Flow chart of the product gas dryer

The product gas mass flow (mpg ;) into the

decomposer, shown in Figure 35, is 1089 %g. The

. . ; kg, .
input amount of ammonia (Myy,in =9 Tg is

decomposed into 7 %g nitrogen (My, oue) and
1.6%9 hydrogen (M, resuiting). Table 25

summarizes some key parameters of the

decomposer.

Table 25: Parameters of the decomposer

Parameter Value Unit
Vear 0.65 m3
Acorumn 4.2 m?
Toeout 785 °C
Qreaction 16 kw

At this stage of the process the incoming mass flow

of water (1, 0,in) is reduced from 1500 %g down

to 88 %g (My,0,0ut) With a product gas dryer shown
in Figure 36. The product gas mass flow remains
constant at 1089 %g. Table 26 summarizes some

key parameters of the product gas dryer

Table 26: Parameters of the product gas dryer

Parameter Value Unit
TPG,out 40 OC
Q'wol 1.4 Mw
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Figure 37: Flow chart of the activated carbon

filter

Figure 37 shows the flow chart of the activated
carbon filter. At the entry the tar (774, ;) and

hydrogen sulphide (1 y,s ;) content is 0.13 %g and
26 % respectively. After the adsorption process the
tar (Mrgroue) and hydrogen sulphide (Myzs out)
content is reduced to 1.3 % and 0.3 % respectively.

Table 27 summarizes some key parameters of the
activated carbon filter. The standard activated
carbon (AC,st) adsorbs tar and the impregnated
activated carbon (AC,impr) adsorbs hydrogen
sulphide.

Table 27: Parameters of the activated carbon filter

Parameter Value Unit
Zads 1 m
Acorumn 0.45 m?
tacst 39 days
tac,impr 200 days
SAC,st+impr 540 kg
Trg,out 40 °¢
QReaction -10 w
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Figure 38: Flow chart of the hydrogenator

After increasing the pressure to around 16 bar

without heating up the product gas a total mass flow
of 1089 %g enters the hydrogenator shown in

Figure 38. The incoming amount of olefin

(Mc,n,,m) and carbonyl sulphide (7cogin) is
36 %g and 0.2 %g respectively. The olefin content
(Mc,H,,0ut) 1 reduced to 0.36 %g and the amount
of resulting C;Hs (e, p, out) 15 38 %g. Carbonyl
sulphide (T¢ps oyt) 1s reduced to 2 % whereas the
hydrogen sulphide (1M, s,0y¢) content increases to

0.15 %g. Table 28 summarizes some key

parameters of the hydrogenator.

Table 28: Parameters of the hydrogenator

Parameter Value Unit
Vear 0.3 m3
My, used 2.6 kg/h
Acorumn 0.53 m?
Tpg out 94 °¢
Qreaction - 46 kW

60



7 Discussion of results and summary

Based on the calculation models shown in Chapter 4 a potential cold and hot gas cleaning process was
designed and calculated in Chapter 5 and Chapter 6 respectively. On the following pages the
calculation results of both gas cleaning processes are discussed. First the cleaning performance of the
gas cleaning processes is evaluated by using the specified limits of the methanation catalyst as a
reference. Furthermore, the calculated key parameters of the respective gas cleaning process are given

and discussed.

Cleaning performance of the cold and hot gas cleaning process

Table 29 compares the product gas impurities which are harmful for the methanation catalyst at the exit
of the cold and hot gas cleaning process with the specified limits of the methanation catalyst. Values
coloured green are within the specified limit. Red and orange coloured values are outside the specified

limit whereby the orange ones are just outside the specified limit.

Table 29: cleaning performance of both gas cleaning processes

Product gas components Ri.(f:;_rs:tc;;;ta Exclltez(r)nli(:ngas E)é;z:::itnggas Unit
Acetylene (C2Hz) N/A 0 0 vol.-%ab
Ethylene (C2Ha4) 0.2 0.02 0.02 vol.-%ab
Propene (C3Hs) 0.4 0 0 vol.-%ab
Ammonia (NH3) 5 ppm
Hydrogen sulphide (H2S) 10 0.6 ppm
Carbonyl sulphide (COS) 0.8 0.5 0.5 ppm
Hydrochloric acid (HCI) 2 0.5 2.5 ppm
Hydrogen cyanide (HCN) 0s [N o
Nitrogen (N2) 0.8 0 0.5 vol.-%ab
Water (H20) 10 6 6 vol.-%
Dust and char N/A 4 4 mg/Nm>ap
Gravimetric tar 0.005 g/Nm>ap
0.0007 0.0007
GCMS tar 3 g/Nm>ap
GCMS tar composition
Naphthalene 0.8 - - g/Nm’ap
Benzene (B) 3 - - g/Nm>ap
Toluene (T) N/A - - g/Nm>ap
Ethylbenzene (E) N/A - - g/Nm>ap
Xylene (X) N/A - - g/Nm>ap
Critical components in ash
Arsenic (As) 100 0 0 mg/Nm>ap
Natrium (Na) 0.8 0.1 0.1 mg/Nm>ap
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At the exit of the cold gas cleaning process the ammonia and hydrogen cyanide concentrations are too
high. To further reduce the amount of ammonia with the chosen cleaning technology several options
exist. Installing a second water-scrubber or increasing the height of the substance-exchanging layer are
possible. Using a further water-scrubber means under an environmental point of view more waste water,
which has to be handled. On the other hand, enhancing the separation efficiency over 99.9 % leads to a
drastically increasing height of the substance-exchanging layer as can be seen in Figure 39. Another
possibility could be increasing the column diameter. This reduces the gas velocity which leads to an
increasing contact time between the solvent and the gas stream. The removal of hydrogen cyanide was
not considered in the design of the cold gas cleaning process. An additional reactor, capable of reducing
the hydrogen cyanide content, has to be designed since the concentration is far too high according to the

specified limit of the methanation catalyst.
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Figure 39: Change of height of substance-exchanging layer z over separation efficiency B at the

example of the water-scrubber

In terms of the hot gas cleaning process the product gas content of ammonia, hydrogen sulphide,
hydrochloric acid and hydrogen cyanide is above the specified limit of the methanation catalyst. As for
the cold gas cleaning process the hydrogen cyanide removal was not considered during hot gas cleaning
and has to be further investigated. The hydrochloric acid and hydrogen sulphide concentration could be
further reduced by increasing the amount of the respective sorption material or by investigating other
materials with a higher sorption capacity. Furthermore, the optimization of process parameters like
residence time, temperature or pressure could favour the adsorption process. To meet the specified limit
of the methanation catalyst for ammonia the decomposer has to be optimized or another hot gas cleaning

technology has to be evaluated. Increasing the residence time or optimize the catalysator material could
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be done to increase the separation efficiency of the decomposer. An alternative technology to the
decomposition of ammonia is the controlled addition of an oxidizer like nitric oxide or oxygen to the
product gas to selectively transform ammonia into nitrogen.

Beside the suggested methods to observe the specified limits of the methanation catalyst a guard reactor
is installed at the end of the designed gas cleaning processes. This reactor can be equipped with different

sorption materials depending on the product gas species which has to be further reduced.

Energy demand and temperature profile of both gas cleaning processes

According to the literature hot gas cleaning processes should offer significant efficiency gains in the
conversion process from biomass to e.g. SNG because no cooling or reheating of the product gas should
be needed [5,40,41]. In fact, especially cooling of the product gas has to be done since the water content
needs to be reduced to meet the specified limit for water of the methanation catalyst. Figure 40 shows

the calculated temperature profile of the designed cold (1) and hot (2) gas cleaning process.
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Figure 40: Temperature profile of the designed cold (1) and hot (2) gas cleaning process

It can be seen that most of the energy demand of the cold gas cleaning process (1) is related to the RME-
scrubber. At this stage of the process most of the tar and water are condensed. The energy demand of
the upcoming cold gas cleaning process is negligible compared to the RME-scrubber. To operate the
designed hot gas cleaning process (2) the product gas has to be heated up to steam reform the tar and
also cooled to condense the water. The energy demand of the hot gas cleaning process can be reduced
by increasing the gasification temperature. By performing conventional gasification at around 800 °C

for example, the product gas temperature at the exit of the gasifier is approximately in the operating
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range of the hot gas steam reformer. The energy demand of the other hot gas cleaning reactors is
negligible compared to the steam reformer and product gas dryer. To make detailed statements about
the energy consumption of both gas cleaning processes the heat integration of the processes has to be

investigated.

Solvent consumption of wet scrubbers

To calculate the amount of solvent two potential methods are presented in Chapter 4. Table 30
compares the results from both methods. It can be seen that the differences are quite high between the
calculation method and the use of the solubility diagram. The calculation method uses the Henry
constant to describe the equilibrium between a gaseous compound and a liquid phase. To evaluate the
effective amount of needed solvent more detailed research is needed and experiments should be
conducted. An explanation for the relatively low amount of solvent according to the solubility diagram

could be that it does not consider that the solvent is no continuous phase but dispersed into drops instead.

Table 30: Solvent consumption of wet scrubbers

Scrubber Amount of solvent [kg/h]
Calculation Diagram
(Eq. 4.13) (Eq. 4.16)
RME 298 30
Water 4060 15
Amine 1155 N/A

Speaking to an expert, around 20 kg/h of RME were used at the 1MW sng demonstration plant in Giissing
[67]. Further mentioned was that the RME-scrubber in Giissing was equipped with high efficiency
packing to optimize the solvent distribution inside the column and enable the best possible gas/liquid
contact. SULZER is a manufacturer which produces such high efficiency packings. Unfortunately, no
information regarding specific data of their packings could be received by request. Due to this Raschig-

rings were chosen for the adsorption columns. Data for that type of packing were received from [62].

Regeneration cycle of adsorption materials

Based on the assumption that the height of the adsorption material filling is 1 m the regeneration cycle
is calculated. Table 31 shows the regeneration cycle and amount of the respective adsorption material
for the cold and hot gas cleaning process. It can be seen that the regeneration cycles of the material
mixtures vary widely. To adapt the regeneration cycle of the mixture the amount of one bed material
can be increased or decreased. Furthermore, the mixture could be separated when replaced and the

partial loaded material could be used again in the next cycle.
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Table 31: Calculated regeneration cycle of adsorption materials

Process Species Bed material Regenienrz:ig;: cycle iln;:;'?;l(;ﬁblfg
Tar. Activated carbon, 39 270
Cold gas Hydrogen | Activated carb
leani . ctivated carbon
cleaning sulphide impregnated 10 270
Hydrochloric acid, | Trona, 227 2209
hydrogen sulphide | Zinc-titanium-oxide 15 2209
Hot gas cleaning Tar, Activated carbon, 39 270
Hydrogen Activated carbon
sulphide impregnated 200 270

Used recourses per day to clean the gas

Table 32 compares the daily recourses of the cold and hot gas cleaning process to clean the gas so that

a further methanation is possible.

Table 32: Comparison of daily recourses to clean the product gas for further methanation

Cold gas cleaning Hot gas cleaning
Solvent Unit Value Solvent Unit Value
Trona + Zinc-
RME
ke/d 226 titanium-oxide kg/d 142
Activated carbon .
. ke/d 35 A?tlvated carbon ke/d 9
mixture mixture
Water kg/d 29000
Amine kg/d 7800

As already mentioned, there is quite a big difference if the solvent stream of an absorption column is
calculated using Eq. 4.13 or the solubility diagram (Eq. 4.16). For the comparison of the daily recourses
in Table 32 the solvent stream calculated with Eq. 4.13 was used. Hot gas cleaning in this configuration
needs sorption materials in just two of five reactors due to mostly catalytic reactions. However, the
assumption was made that just the catalytic reactions and no side reactions take place. These side
reactions can lead, amongst other negative effects, to the formation of undesirable species on the
catalysator surface [5,49,58]. Especially during hot gas cleaning where three reactors operate with
catalysts the amount of catalytic material could raise. Additionally, the high heat in combination with
vibrations, caused through e.g. blower, gasifier etc., is stress which lowers the durability of used material
like ceramic [60,61]. In terms of the daily recourses needed for cold gas cleaning the assumption was
made that 70 % of the spent solvent can be regenerated and fed back to the respective column. The other
30 % have to be removed. Water contaminated with chlorides for example could be send to an acid

regeneration plant where hydrochloric acid can be recovered. Another possibility is to neutralize the
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spent water. As mentioned in Chapter 2 a partial amount of the spent RME can be fed back to the

combustor acting as additional fuel or regenerated using a stripper.

Table 33 summarizes the calculated key parameters of both gas cleaning processes.

Table 33: Summary of the calculated key parameters from both gas cleaning processes

Cold gas cleaning process Hot gas cleaning process
Reactor Parameter Value Unit Reactor Parameter Value Unit
§ Ly (Eq. 4.13) 298 kg / Zas 1 m
%]
< Ly (Eq. 4.16) 30 kg /h = Aconmn 3.7 m?
o 5 =
2 S Zaps 9 m -"2 " trrona 227 days
; AColumn 1.8 mZ ﬁ 6 thTiO3 15 days
& TPG,out 40 °C E SZnTiO3+Trona 4417 kg
Q'wol 1.3 MW Tog out 650 °C
S Zaas ! m QReaction -02 kw
z.—': _ Acoumn 0.45 m? - Vear 0.65 m3
_8 E tAC,st 39 days E mHZO,used 27 kg/h
R Rt
[ + S ~
; % tAC,impr 10 days E E AColumn 4.5 mZ
o] N’ o
E E SAC,st+impr 540 kg 5 TPG,out 850 c
- o [P} .
E Tog out 40 c 7 Qin 280 kw
QReaction 74 w QReactions 30 kw
5 Ly (Eq. 4.13) 4060 kg / . Veat 0.65 m3
= = 8 ~
29 Ly (Bq.4.16) 15 kg, 35 Acotumn 42 m?
i h €
Lo Zabs 34 m g Tog out 785 °C
§ é AColumn 0.45 mZ QReaction 16 kw
TPG,out 40 °C E TPG,out 40 °C
= .
PN Vear 0.3 m3 _ Qcoor 1.4 Mw
(=]
g 8 mHz,used 2.6 kg/h . Zpds 1 m
8 + o
E 5 AColumn 055 mz E AColumn 045 mz
) o =
E O Trgout 111 c g E tacst 39 days
. R
Qreactions - 46 11474 s ;-; tac,impr 200 days
=
- Ly (Eq. 4.13) 1155 kg / g Sacst+impr 540 kg
D N’
2 = Z
E 8 LT (Eq 416) N/A kg/h E TPG,out 40 °oC
2+ .
S ©n Zabs 1.5 m QReaction - 10 w
2 4 0.55 m? v 0.3 m3
5 ~ Column . :s a Cat .
Tpg out 66 °¢ % § My, used 2.6 kg/h
1)
E 5 AColumn 0.53 mZ
E’ g TPG,out 94 °C
QReactions - 46 kw
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8 Conclusion and Outlook

This work was developed with the aim of finding answers to the research question “can a process for
the production of SNG from biogenic residues be designed that meets the requirements of the

methanation catalyst?”

First a literature review was conducted to evaluate the state of the art of dual fluidized bed gasification
including sorption enhanced reforming, gas cleaning and methanation, which are the three main parts
of this process. The outcome of the literature review is as follows. With regard to the methanation step
the generated product gas from biomass gasification should contain no nitrogen. Furthermore, the ideal
ratio between hydrogen, carbon monoxide and carbon dioxide is 7:1:1. These product gas requirements
can be reached with a dual fluidized bed gasifier and sorption enhanced reforming as operation mode.
To meet the specified limits of the product gas impurities for the methanation catalyst several cold gas
cleaning options are commonly used today e.g. tar absorption using an RME-scrubber or hydrogen
sulphide removal with activated carbon. In contrast to cold gas cleaning hot gas cleaning processes are
also under investigation because research is done to improve the durability of the used materials.
Additionally, different methanation catalysts are also under investigation to improve activity and
durability. Ruthenium and nickel have a high activity but are easily poisoned by sulphur. Molybdenum
on the other hand is resistant against sulphur but high temperatures are needed for conversion at a
moderate activity. To execute the methanation reaction a fluidized bed reactor type is suggested due to
the favourable heat management and the fact that only one reactor is needed. Using fixed bed reactors

for methanation several reactors are needed to manage the heat removal.

To gain a data basis, a gasification experiment with hazelnut shells as fuel was conducted at TU Wien’s
dual fluidized bed gasifier. With the obtained data first a scale up to an 8 MWy, gasifier was conducted.
Further on mathematical models were created to design reactors which are able to efficiently remove
the product gas impurities. The major indicator was to provide a gas which suits the specified limits of
the upcoming methanation catalyst. Then a potential design of a cold and hot gas cleaning process is
described. The design is based on the mathematical models for the individual reactors. The cold gas
cleaning process was slightly modified from a previous diploma thesis conducted at the TU Wien. The
hot gas cleaning was designed using the literature. Data for the calculation were found in the literature

and assumptions were made to determine the parameter of each gas cleaning reactor.

The calculation results show that neither the cold gas nor the hot gas cleaning process is capable of
reaching the specified limits for all impurities which are harmful for the methanation catalyst. For cold
gas cleaning the concentration of ammonia and especially hydrogen cyanide is too high. At the exit of

the hot gas cleaning process the concentration of ammonia, hydrogen sulphide, hydrochloric acid and
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hydrogen cyanide is too high. The calculated temperature profile of both gas cleaning processes shows
that for the cold gas cleaning process most of the energy demand is related to the RME-scrubber where
most of the tar and water are condensed. To operate the designed hot gas cleaning process most of the
energy demand is related to steam reform nearly all tar and to condense most of the water. The energy
demand of the hot gas cleaning process can be reduced by increasing the gasification temperature.
Looking at the amount of solvent for the respective absorption columns high differences are obtained
between the use of the solubility diagram and the calculation methods. The calculation method uses the
Henry constant to describe the equilibrium between a gaseous compound and a liquid phase compared
to the solubility diagram. To evaluate the effective amount of needed solvent more detailed research is
needed and experiments should be conducted. For the adsorption processes the calculated regeneration
cycles of the material mixtures vary widely. To adapt the regeneration cycle of the mixture the amount
of one bed material can be increased or decreased. Furthermore, the mixture could be separated when
replaced and the partial loaded material could be used again in the next cycle. In terms of used recourses
per day to clean the gas the hot gas cleaning process needs less recourses. In the designed configuration
the process needs sorption materials in just two of five reactors due to mostly catalytic reactions.
However, the assumption was made that just the catalytic reactions and no side reactions take place.
These side reactions can lead to the formation of undesirable species on the catalysator surface and
therefore increase the amount of catalytic material. Furthermore, no cost analysis of the respective
sorption materials was conducted. This could have an impact which materials will be used in industrial

scale methanation plants.

Overall it can be said that, based on the used calculation models, an implementation of both designed
gas cleaning facilities in the biomass to SNG process is possible. To meet the requirements of the
methanation catalyst the designed gas cleaning processes have to be adapted.
Further research should be done:
e Evaluating the designed gas cleaning processes experimentally and with the use of simulations.
e Investigations in terms of long-term behaviour of the methanation catalyst.
e Refine the solvent stream and packing of absorption columns
e Considering a wider range of chemical reactions for catalytical gas cleaning
e Improvement in terms of sorption material for cold and hot gas cleaning. Especially when
mixtures of different materials are used to increase the operation time till regeneration is
necessary.
e Improvements on the methanation catalyst to higher the resistance against impurities and

thereby lower the gas cleaning effort.
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Abbreviations & Symbols

Table 34: Abbreviations

Abbreviation Description

Abso Absolute

Abs Absorbed

Ads Adsorbed

AC Activated carbon

CaO Calcium oxide

00) Carbon oxide

CO2 Carbon dioxide

COS Carbonyl sulphide

C2Hs Ethane

CR Combustion reactor

d Days

daf Dust and ash free

db Dry basis

ECN Energy Research Centre Netherlands

EU European Union

FICFB Fast internally circulating fluidized bed gasifier

GmbH Gesellschaft mit bestimmter Haftung

GR Gasification reactor

Ha Hydrogen

HS Hazelnut shells

HSC 6 Software for process simulation, reactions equations
and equilibrium calculations; Version 6

Impr Impregnated

IPSE Integrated Project Support Environment

Wi Thermal power gasifier

lhv Lower heating value

Nm? Norm cubic meter

NOx Nitrogen oxides
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Ni/ALOs Nickel/Aluminium oxide
n.m. Not measured
N/A Not applicable
02 Oxygen
PG Product gas
ppb Part per billion
ppm Part per million
RME Rapeseed methyl ester
SNG Synthetic natural gas
SER Sorption enhanced reforming
St Standard
TREMP Topsee Recycle Energy-efficient Methanation Process
vol.-% Volume percental in wet basis
vol.-%ab Volume percental in dry basis
waf Water and ash free
Zn0O Zinc oxide
Table 35: Symbols
Symbol Dimension Description
A, m? Column surface
By x kg /k Adsorption capacity of sorbent y of species x
g
CPpg kJ / Specific heat capacity of the product gas
kmol x K
Crex mg / N3 Concentration of species x from the product gas
Cxy 9 /l Solubility of species X at temperature Y
Egasifier MW, Thermal power of the gasifier
Gr kmol / carrier gas stream
H, MJ / Net calorific value
kgap
Hyy mbar Henry constant of species x at temperature y
HTU m Hight of transfer unit
Ahy, 0, condense kJ /kg Condensation enthalpy of water
Ahe napnta. kJ / ] Condensation heat of tar represented by naphthalin
mo
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flAbs
b
Qcool
Qre
Qnyo
Qin

QReaction

kj
/mol

kmol/m3 o h

kmol/h

kmol /h

tap /h
kg
/ kmol
t /h
kg
kg
/ kmol

kg
/ kmol
kg
I

kg/h

kg/h

kmol
kmol /h

kmol /h

kmol /h

kmol /h

kmol /h
bar
M]/h
M]/h
M /
M /
M]/h

kg

°C
°C
°C

°C

Heat of reaction
Mass transfer coefficient
Solvent stream
Minimum solvent stream
Mass flow rate of hazelnut shells
Average molar mass of the product gas
Mass flow of water
Mass of species x from the product gas
Molar mass of species x
Molar mass of species y
Mass flow of product gas generated in the gasifier
Mass flow of species x from the product gas
Adsorbed mass flow
Mol number of species x from the product gas
Molar flow of product gas generated in the gasifier
Molar flow of species x from the product gas
Number of transfer units
Molar flow of species y
Molar flow of species x
Absorbed molar flow
Pressure
Cooling heat
Thermal energy product gas
Thermal energy water
Thermal heat input
Heat of reaction
mass of sorbent y

Regeneration cycle of sorbent y

Temperature of the product gas at stage X of the respective gas cleaning process

Temperature of the product gas at the inlet
Temperature of the product gas at the outlet

Temperature of the product gas
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Veat m3
Vs m3/ kmol
Vx Nm? /s
Vpg Nmg, /h
VPG,n Nmj, /h
VHZ 0 m? / h

V1 bar,642°c m3/kg
Vpex Vol.%
VUmin -

v -
Wy m/ S
Xy -

Xxa -
Xx o -
Xy wmax -
Yy -
Yo -
Yx 0 -
Yy -
Yus Nmg,
kgus
Zabs m
Zads m
a m?
m3

B %

€ -
® -

Ppc kg /m3
Py kg/ m3
T s
n -

Catalysator volume
Molar volume at standard conditions (25 °C and 1 bar)
Volume flow at stage X of the respective gas cleaning process
Volume flow of product gas generated in the gasifier
Adjusted volume flow of product gas generated in the gasifier
volume flow of water
Specific volume of water at 1 bar and 642 °C
Volume fraction of species x from the product gas
Minimum solvent ratio
Solvent ratio
Admissible gas velocity
Molar/mass fraction of species x in the liquid phase at a general point of the reactor
Molar/mass fraction of species x in the liquid phase at the entry of the reactor
Molar/mass fraction of species x in the liquid phase at the exit of the reactor
Maximal molar/mass fraction of species x in the liquid phase at the exit of the reactor
Molar/mass fraction of species x in the gas phase at a general point of the reactor
Molar/mass fraction of species x in the gas phase at the entry of the reactor
Molar/mass fraction of species x in the gas phase at the exit of the reactor
Molar/mass fraction of species x in the gas phase at equilibrium state

Product gas yield of hazelnut shells

Hight of substance-exchanging layer
Hight of adsorption material
Specific surface Raschig-rings
Separation efficiency
Adsorption coefficient of activated carbon
Wetting factor
Average density of the product gas
Bulk density of sorbent y
Residence time

Efficiency reference
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Annex

e General conversion equations

e Cold gas cleaning reactors

e Hot gas cleaning reactors

General conversion equations

The following conversions in between the units are used to represent the results in an illustrative way.

Nm®/h to kmol/h:

vol.% to kmol/h:

mg/Nm? to kmol/h:

kmol/h to kg/h:

Npg =
Vm,SC

Ve + (56)

Npg,x =
’ Vinsc

CPG,x) 1
. __ 21000 y
Npex = My *Vpg *

Mpg = NMpg * Mpg

Mpg,x = Npg x * My

1000
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Cold gas cleaning

Table 36 to Table 45 contain the characteristics, assumptions and calculation results of the individual

reactors from the cold gas cleaning process.

e Characteristics and assumptions

Table 36: Characteristics and assumptions
of the RME-scrubber

Table 37: Characteristics and assumptions of
the activated carbon filter

Characteristics Characteristics
Usage tar removal Usage Tar and sulphur removal
Physical principle absorption Physical principle adsorption
Solvent rapeseed methyl ester (RME) Activated carbon (standard
Ked | Adsorbent and impregnated with natrium
Reactor type packed spray column hydroxide at a ratio of 1 to 1)
Packing Raschig-rings Reactor type adiabatic fixed bed
Assumptions Unit Value Assumptions Unit Value
Physical properties Physical properties
TPG,in °C 180 XAC,st+im,¢x - 0
Xrara - 0 Bac.strar g /gAC 0.5 [64]
. b 21.2[62

Hrar,400¢ mbar [62] Bycimnzs g/gAC 0.5 [65]
p bar 1 e — 0.9 [64]
k kmol 5.22[62]

i Im3 +h Pac.serim kg / s 600 [64]
B % 99 1

Zpds m
Packing p bar 1
) — 0.8 [62] Bra % 99
m? 195 162
a m3 Jo2] Bu,s % 95
Thermal values
k

Ah'HZO,condense ]/kg 2262 [63]
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Table 38: Characteristics and assumptions of
the water-scrubber

Characteristics

Usage HCI and NH3 removal

Physical principle absorption

Solvent water

Reactor type packed spray column

Packing Raschig-rings

Assumptions Unit Value

Physical properties

XHCl+NH3,¢x - 0

Hyp, a00¢ bar 2.8 [62]

Hycra0oc bar 2.0 [63]

p bar 1

kg, kmol/m3 h 5.22[62]

B % 99

Packing

1) - 0.8 [62]
2

a m /m3 195 [62]

Table 39: Characteristics and assumptions of
the hydrogenator

Characteristics
Usage Olefin conversion
Physical principle Catalytic hydrogenation

Catalyst material Nickel-based

Reactor type Isothermal catalytic fixed bed
Assumptions Unit Value
Physical properties

THydrogenation s 0.5
Bc,n, % 99

Bcos % 99

p bar 16

Table 40: Characteristics and assumptions of
the amine-scrubber

Characteristics

Usage HzS and CO:z removal
Physical principle absorption
Solvent amine

Reactor type packed spray column
Packing Raschig-rings
Assumptions Unit Value
Physical properties

Xst+coz,a - 0
Hy,s70°c bar 1.7 [71]
Heo, 700¢ bar 3.4[71]
P bar 16
kg, kmol/m3 h 5.22[62]
Beo, % 50
Bss % 99
Packing

1) - 0.8 [62]
a m? 3 195 [62]
General

Temperature drop of around 40 %
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e Calculation results

Table 41: Calculated parameters of the RME-scrubber

Calculation of gas, solvent and column parameters

Product gas Unit Value Solvent Unit Value
Mpg in kg/ h 1063 Mpps kg /h 12.9
Mrar,in kg/ h 13.1 Xrarw - 0.04
Yrara - 0.012 Ly (Eq. 4.13) kg /h 298
Yrarw - 0.00012 Ly (Eq.4.16)  kg/ 30
Mrarout kg/ h 013 Column design  Unit Value
MG out ks, 1030 HTU m 0.72
My, 0,in kg/h 1500 NTU - 12
Ti1,0,0u¢ ks, 90 Zune m 8.9
Tpg out °C 40
Ocon mw 12
Table 42: Calculated parameters for the activated carbon filter
Calculation of gas and solid parameters
Product gas Unit Value Sorbent Unit Value
Mpg,in kg/h 1050 Mygs kg/h 0.6
Mrar,in kg/ h 0.13 Zpas m 1
My2s,in kg/ h 0.5 tac,st days 39
Yrara - 0.00012 tacimp days 10
Yizs.a - 0.00048 Sac,st+imp kg 540
Yrarw - 1*10°¢
Yi2s.w - 2%107°
My2s,out g/ h 25
Mrar out 9 I
Tipg out kg / 1049
Thg out °C 40
Qreaction w 74
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Table 43: Calculated parameters of the water-scrubber

Calculation of gas, solvent and column parameters

Product gas Unit Value Solvent Unit Value
Mpg in kg/ h 1049 Mpps kg /h 9
Mycin kg/h 0.14 XHCl4+NHs 0 - 0.002
b in kg / 9 Ly (Eq. 4.13) kg / 4060
Yicrsni, a - 0.01 L; (Eq. 4.16) kg/h 15
Yicienms,w N 0.0001 Column design  Unit Value
et g/h 1.3 HTU m 2.8
mNH3,out g/h 89 NTU - 12
Tipg out kg /h 1040 Zups m 34
Thg,out °C 40
Table 44: Calculated parameters of the hydrogenator

Calculation of gas parameters

Product gas Unit Value Product gas Unit Value

Vot m3 0.2 e, e out kg /h 38

M in kg /h 1040 Ty, s out kg /h 0.15

mcz Hy,in kg/ h 36 mHZ,used kg/ h 2.6

ﬂlcos,in kg/h 0.2 mPG,Ouf kg/h 1040

e,y 0ut kg/h 0.36 Tpg out ¢ i

Meos,out g/ h 2 Qreactions w - 46
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Table 45: Calculated parameters of the amine-scrubber

Calculation of gas, solvent and column parameters

Product gas Unit Value Solvent Unit Value
Mpg in kg/ h 1040 Mpps kg /h 264
Meo,,in kg/h 528 Xco,+Hy50 - 0.2
mHZS,in kg/h 0.15 Ly (Eq. 4.13) kg/h 1086
Yoo, +H,5a - 1 Ly (Eq. 4.16) kg/h N/A
Yeo,+t,5.0 N 0.5 Column design  Unit Value
Mo, out kg, 264 HTU m 13
My, s, 0ut g/h 1.5 NTU - 1.2
Mpg,out kg/h 776 Zabs m L5
Thg,out °C 66
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Hot gas cleaning

Table 46 to Table 56 contain the characteristics, assumptions and calculation results of the individual

reactors from the hot gas cleaning section.

e Characteristics and assumptions

Table 46: Characteristics and assumptions of
the trona and zinc-titanium-oxide filter

Table 47: Characteristics and assumptions of

the steam reformer

Characteristics Characteristics
Usage Sulphur and halide removal Usage tar removal
Physical principle adsorption Physical principle Steam reforming
Adsorbent Trona and zinc titanium oxide Catalyst material precious metal
at a ratio of 2 to 1 respectively .

Lo Reactor type Catalytic fixed bed
Reactor type Adiabatic fixed bed

; Assumptions Unit Value
Assumptions Unit Value P

Physical properties
Physical properties Y Beok
T S 0.5
XZnTiO3 +Trona,a - 0 Sk
g 0.32 [66] p bar !
BNa2C03,HCl /gTrona : ﬁ % 99
T
Bntiogys Y gy 008166] . :
e - 0.9 [64] crer
K Only steam reforming reactions (Eq. 4.32 and Eq.

PNayCos+2znTio, g/ m3 600 [64] 4.33) take place
z m 1 Benzene represent tar for calculation
Ads
p bar 1
Bu,s % 95
Buci % 95
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Table 48: Characteristics and assumptions of Table 49: Characteristics and assumptions of

the decomposer

the activated carbon filter

Catalyst material

Characteristics

Usage ammonia removal

Physical principle decomposing
iron

Reactor type Adiabatic catalytic fixed bed
Assumptions Unit Value
Physical properties

Tpecomposer s 0.5

p bar 1

By, % 99
General

Only decomposition reaction (Eq. 4.34) takes place

Table 50: Characteristics and assumptions of
the hydrogenator

Characteristics
Usage Olefin conversion
Physical principle Catalytic hydrogenation

Catalyst material Nickel-based

Reactor type Isothermal catalytic fixed bed
Assumptions Unit Value
Physical properties

THydrogenation s 0.5
Bc,n, % 99

Bcos % 99

p bar 16

Characteristics
Usage Tar and sulphur removal
Physical principle adsorption
Activated carbon (standard

Adsorbent and impregnated with natrium

hydroxide at a ratio of 1 to 1)
Reactor type adiabatic fixed bed
Assumptions Unit Value
Physical properties
Xac st+ima - 0
BAC,st,Tar g/gAC 0.5 [64]
Bac,im tzs g/ Jac 0.5[65]
€ - 0.9 [64]

k

Pac,st+im g/m3 600 [64]
Zpds m 1
D bar 1
.BTar % 99
Bhu,s % 99
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Calculation results

Table 51: Calculated parameters for trona and zinc-titanium-oxide filter.

Calculation of gas and solid parameters

Product gas Unit Value Activated carbon Unit Value
Tp6.in kg/h 1063 Mygs kg/h 0.6
Myciin kg/ h 0.14 Zpas m 1
T2 in kg/h 0.5 tNaycos days 227
Yicra — 0.0001 tznrios days 15
Yirsa - 0.0005 S2nTios+NayCos kg 4417
Yicrw a 6*10°
Yizsw a 2#10°
My2s,0ut g/ h 26
mHCl,out g/ h 7
b6 out kg /h 1062
TrG out °C 650
Qreaction kw 02
Table 52: Calculated parameters of the steam reformer
Calculation of gas parameters
Product gas Unit Value Product gas Unit Value
Viar m3 0.65 Mo out kg /h 224
Mpg in kg/ h 1062 Meoz,0ut kg/ h 330
Tt in kg, B thmou ks, %0
a0, kg/h 1500 Tre out °C 850
Mg out kg/h 1089 O kW 280
113000 kg, 473 Oretions kW 30
mTar,out kg/h 0.13
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Table 53: Calculated parameters of the decomposer

Calculation of gas parameters
Product gas Unit Value Product gas Unit Value
Viar m3 0.65 T, out kg /h 92
Mpg,in kg/ h 1089 M, out kg/ h 7
Tity i in ks, ’ Trcout ¢ 785
Titpg,out kg, 1089 Oreaction kw 16

Table 54: Calculated parameters of the product gas dryer

Calculation of gas parameters

Product gas Unit Value
MpG,in =out kg / 1089
My, 0,in kg/h 1473
mHZO,out kg/h 88
TPG,out °C 40
Qcool MW 1.4

Table 55: Calculated parameters for the activated carbon filter

Calculation of gas and solid parameters

Product gas Unit Value Sorbent Unit Value
Mpg in ks, 1089 Tags kay, 0.2
Mrarin kg / 0.13 - - |
My2s,in g/ h 26 tac,st days 39
Yrara - 0.0001 tac,impr days 200
Yiasa - 2%10° Sac,st+impr kg 540
Yrarw - 1#10°¢

Yizs.e - 2*107

Mh2s,out g/h 0.3

Mrarout 9 1.3

Tipg ot kg / 1089

Thg out °C 40

Qreaction w -10
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Table 56: Calculated parameters of the hydrogenator

Calculation of gas parameters

Product gas Unit Value Product gas Unit Value
Veat m’® 0.3 Meos,out g/ h 2
Tp6.in kg/h 1089 T, s,0ut kg/h 0.15
mcz Hy,in kg/ h 36 mHz,used kg/ h 2.6
Mcos,in kg/ h 0.2 Mpg out kg/ h 1089
Titc, g out ks, B Thgow °C o4

kg/h 0.36 11474 - 46

mCZ Hy,out Qreactions




