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ABSTRACT

Chemical looping combustion (CLC) is a novel technology with inherent separation of
CO2. It is a two-step combustion process in which air and fuel are not mixed during
combustion. The reactor system consists of two separate reactors, an air reactor and a
fuel reactor. An oxygen carrier circulates between these two reactors and transports the
necessary oxygen for combustion.

A new reactor concept called the dual circulating fluidized bed (DCFB) reactor system
is proposed for chemical looping processes. This concept features high solids circulation
as well as optimized gas-solids contact and is highly suitable for chemical looping com-
bustion and reforming. In this thesis, the main set-up of this concept is presented and the
governing equations for the design of chemical looping combustors are discussed with the
example of the 120 kW CLC pilot rig at Vienna University of Technology. Additionally,
the cooling system and different auxiliary units of the pilot rig are presented.

In the first year of operation, different oxygen carriers have been applied to the pilot
rig. Ilmenite, a natural mineral with the chemical formula FeTiO3, shows a high po-
tential for the combustion of syngases (CO- and H2-rich gases). For the combustion of
CH4, however, a catalytically active particle is required. Experiments with two different
batches of Ni-based particles show H2 and CO conversions close to the thermodynamic
maximum. The CH4 conversion is also almost complete (close to 99 %) and the CO2

yield reaches values of up to 95 %. Even greater improvement of these values is expected
for increased reactor heights. Contrary to data reported for smaller continuous chemical
looping units, the particles have a low degree of oxidation throughout the reactor system.
This, however, does not seem to have a negative influence on combustion efficiency.

In addition to the design and operating results of the pilot rig, this work also includes
a modeling approach for circulating fluidized bed reactors with reactive solids and their
combination in the DCFB system. The model mainly focuses on the chemical reactions
taking place in the reactor system (gas-solid reactions) and applies a very simple hydro-
dynamic model. Despite the simplicity of the model, different aspects of the CLC pilot
rig, such as the very low degree of particle oxidation, can be predicted.

In the course of modeling, a discussion on the macroscopic progress of particle oxi-
dation and reduction in the air and fuel reactors is included. This part focuses on the
comparability as well as the fundamental differences of the results obtained from the two
approaches to the investigation of CLC, i.e. batch reactor experiments and continuous
looping experiments.
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KURZFASSUNG

Chemical looping combustion (CLC) ist eine neuartige Technologie mit inhärenter CO2

Abscheidung. Es handelt sich dabei um einen zweistufigen Verbrennungsprozess bei dem
Brennstoff und Luft nicht miteinander gemischt werden. Das Reaktorsystem besteht
aus zwei separaten Reaktoren, einem Brennstoff-Reaktor und einem Luft-Reaktor. Ein
Sauerstoffträger zirkuliert zwischen diesen beiden Reaktoren und transportiert den für
die Verbrennung erforderlichen Sauerstoff.

In dieser Arbeit wird ein neues Reaktorkonzept, das Dual Circulating Fluidized Bed
(DCFB) Reaktorsystem, für chemical looping Prozesse vorgestellt. Dieses Konzept zeich-
net sich durch hohe Feststoffzirkulation sowie optimierten Gas-Feststoffkontakt aus und
ist für chemical looping combustion und reforming sehr gut einsetzbar. Der Aufbau und
die bestimmenden Gleichungen dieses Systems werden am Beispiel der 120 kW CLC Ver-
suchsanlage an der Technischen Universität Wien erläutert und diskutiert. Zusätzlich
werden das eingesetzte Kühlsystem und verschiedene Hilfsaggregate vorgestellt.

Im ersten Betriebsjahr wurden verschiedene Sauerstoffträger in der Versuchsanlage
eingesetzt. Ilmenit, ein Mineral mit der chemischen Formel FeTiO3, weist ein großes
Potenzial für die Verbrennung von Synthesegasen (CO- und H2-reiche Gase) auf. Für
die Verbrennung von CH4 wird allerdings ein katalytisch aktives Material benötigt. Ex-
perimente mit zwei verschiedenen Partikeln auf Ni-Basis zeigen, dass mit diesen Partikeln
H2 und CO Umsätze erzielt werden, die sehr nah am thermodynamischen Gleichgewicht
liegen. Der CH4 Umsatz ist ebenfalls fast vollständig (99 %) und die CO2 Ausbeute
erreicht Werte bis 95 %. Eine weitere Steigerung dieser Werte wird durch eine Erhöhung
des Reaktors erwartet. Im Gegensatz zu Ergebnissen von kleineren CLC Versuchsanla-
gen weisen die Partikel einen niedrigen Oxidationsgrad im gesamten Reaktorsystem auf.
Dies scheint sich jedoch nicht negativ auf die Verbrennung auszuwirken.

Neben der Auslegung und den Versuchsergebnissen wird in dieser Arbeit ein Ansatz
zur Modellierung von zirkulierenden Wirbelschichtanlagen mit reagierendem Feststoff
präsentiert. Das Modell konzentriert sich auf die im System auftretenden chemischen
Reaktionen (Gas-Feststoffreaktionen) und verwendet ein einfaches hydrodynamisches
Modell. Trotz des einfachen Modells können verschiedene Aspekte der CLC Versuchs-
anlage, wie zum Beispiel der sehr niedrige Oxidationsgrad der Partikel, vorausgesagt
werden. Zusätzlich zur Modellierung werden auch die makroskopischen Vorgänge in den
Partikeln während der Oxidation und der Reduktion erläutert sowie die Unterschiede
zwischen Ergebnissen von Batch- und kontinuierlichen Versuchsanlagen diskutiert.
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looping combustor using a dual circulating fluidized bed (DCFB) reactor system.
accepted for publication in Chemical Engineering and Technology 2009.
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My supervisor Dr. Tobias Pröll owes my deep gratitude for the excellent supervision of
my work, the endless number of challenging discussions on different problems and the
support in the investigation of several special issues in chemical looping combustion.
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1

INTRODUCTION

1.1. The greenhouse effect,

carbon dioxide and climate

change

In recent years, the greenhouse effect has become
well known from observations of climate change.
Its principles and scientific background, however,
have already been described in the early 19th cen-
tury by the French mathematician and physicist

Jean Baptiste Joseph Fourier. In his Mémoires sur les températures du globe terrestre et
des espaces planétaires (1827) [1], he discussed the effect of the gaseous atmosphere on
the temperature of the Earth’s surface and mentioned the effects of human industry as
impact on the climate. For the first time, the principle of trapping energy from visible
light from the Sun as heat by different gases was introduced. Later in the 19th century,
John Tyndall made experiments with different gases to clarify if this was really possible.
In 1861, he published an article in which water vapor (H2O) and carbon dioxide (CO2)
were identified as such gases [2]. By 1896, Svante Arrhenius put the effect of CO2 in
the atmosphere into numbers [3]. At this time it was known that some thousand years
ago, major parts of Europe, North America and Asia were covered with ice. The reason
for the cause of this ice age, however, was unknown. In his calculations he pointed out
that the surface temperature of the Earth would increase by 8− 9 ◦C if the CO2 concen-
tration was increased by a factor of 2.5− 3 . On the other hand, a decrease of the CO2

concentration to 55− 62 % of the value at that time would result in a temperature drop
of 4 − 5 ◦C. At this time, this was no reason for concern. Arrhenius estimated that it
would take approx. 3000 years of CO2 production from industry to have an impact on
the climate. The impact of greenhouse gases (GHG) in the atmosphere and the dramatic
increase of emissions, however, were underestimated at that time.

Today, this opinion has undergone major revision. It is widely accepted that anthro-
pogenic CO2 emissions influence the current climate to a large extend or to put into
the words of the International Panel on Climate Change (IPCC): Most of the observed
increase in global average temperature since the mid-20th century is very likely due to
the observed increase in anthropogenic GHG concentrations [4]. The concentration of
greenhouse gases in the atmosphere has dramatically increased in the 20th century. The
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Figure 1.1: Atmospheric CO2 and CH4 concentrations in years before 2005 [4]

trend of atmospheric CO2 and CH4 concentrations in the atmosphere are illustrated in
Figure 1.1 over a time-scale of more than 10000 years.

Compared to Arrhenius’s model from 1896, many phenomena such as CO2 uptake
of the oceans and reduction of reflecting ice surfaces are taken into account in modern
models. Nevertheless, it is impossible to prove that anthropogenic GHG emissions are
the primary source for climate change. Organizations such as the International Panel
on Climate Change (IPCC) or the United Nations Framework Convention on Climate
Change (UNFCCC) collect data from different observations and refer to probabilities for
possible causes of climate change. Beside this approach, one can simply take a look at
different indicators of temperature changes in the past. The amount of deuterium present
in antarctic ice probes, for example, has been found to be a marker for changes in local
temperature. In Figure 1.2 the atmospheric concentrations of CO2, CH4 and N2O are
plotted with the deuterium variation in antarctic ice cores. This graph clearly identifies
regions of warmer periods at high GHG concentrations. The consequences of our current
situation for the global climate can only be estimated but could be catastrophic. Fur-
thermore, the argument that the current GHG concentrations in the atmosphere could
be caused by natural phenomena such as changes in the irradiation of the Sun alone is
very much debilitated since the probability of only one such (unobserved) event withing
650,000 years is very low. Nevertheless, one has to keep in mind that this approach is far
from being scientific and does not prove any connection between GHG and the current
global warming. This might be one reason why some authorities still refer to natural
reasons (volcano activity, change of irradiation of the Sun, etc.) for climate change and
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Figure 1.2: Atmospheric concentrations of CO2, CH4 and N2O in air trapped withing ice cores
and the variation of deuterium (δD), an indicator for local temperature, in antarc-
tic ice over the last 650,000 years. Shaded bands indicate current and previous
interglacial warm periods [4].

refuse to take proper measures to reduce GHG emissions.
Beside the debate on possible consequences of GHG emissions, observations of different

markers of climate change are performed. In the last century, a steady increase of the
average global surface temperature and the sea level as well as a decrease of snow cover
is observed (see Figure 1.3). This temperature increase occurs all over the globe but is
stronger at higher northern latitudes. It is even observed in the ocean at depths down
to 3000 m [4].

These observations have led to serious concern and attempts to estimate the impact of
increasing CO2 emissions in the last decades and in the future have been initiated. On
the basis of different scenarios for greenhouse gas emissions in the period from 2000 to
2100 (see IPCC SRES [5]) the further global temperature increase has been estimated.
Depending on the SRES scenario applied, the models project a further temperature
increase of 1.8− 4.0 ◦C and a sea level rise of 0.18− 0.59 m compared with the average
values in the period 1980-1999 [4]. The IPCC further points out a number of expected
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Figure 1.3: Observed changes of (a) the global average surface temperature, (b) the global
average sea level and (c) the northern hemisphere snow cover for March-April. All
reported differences are relative to average values in the period 1961-1990 [4].

climatic changes in the 21st century:

• The projected warming will be higher over land and at most high northern lati-
tudes. Antarctica and the northern North Atlantic will have the least increases.

• Snow cover is expected to decrease and a thaw depth increase is projected for most
permafrost regions. The amount of sea ice is projected to shrink in the Arctic and
Antarctic.

• Extreme weather situations such as heat waves, tropical cyclones and heavy pre-
cipitation events will become more frequent.

• The amount of precipitation is projected to increase in high latitudes but decrease
in most subtropical land regions.
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The effects of GHG emissions are clearly visible in the current climate change. For the
mitigation of these changes, the reduction of GHG emissions is indispensable. Possible
options for the reduction of GHG emissions are discussed in the following sections.

1.2. Greenhouse gas

emissions and emission

reduction

Beside CO2, other gases such as methane (CH4) and
nitrous oxide (N2O) have been identified as greenhouse
gases. Even though the concentration of these gases in
the atmosphere is much smaller, their impact has to be

considered owing to their high global warming potential (GWP) compared with CO2 (see
Table 1.1). To compare the effect of different GHGs, the CO2 equivalent emission has
been introduced. This parameter describes the amount of CO2 that has the same global
warming potential as a given mixture and amount of greenhouse gases, when measured
over a specified time scale (100 years).1

Figure 1.4 shows the trend of GHG emissions since 1970. The total emissions have
increased steadily. It is clearly visible that CO2 from fossil fuel use has the biggest
share on the overall emissions. In terms of sectors, energy supply and industry are the
main contributors. For the mitigation of climate change, the ongoing trend of emissions
will have to be reversed. Modern way of living, however, is very energy intensive and
changes thereof are politically unpopular. Furthermore, many developing countries ex-
perience a significant economic upturn which is coupled with a strong increase in energy
consumption and emissions (see Figure 1.5). This will be a very difficult challenge in
which strong cooperations between industrial and developing countries will have to be
established. As shown in figure 1.5, however, the OECD countries will also have a major
share on energy consumption in the future.

Figure 1.6 shows the primary energy demand in terms of fuel type reported in the

industrial chemical lifetime GWP for given time scale
designation formula [years] 20 years 100 years 500 years
carbon dioxide CO2 see [4, 6] 1 1 1
methane CH4 12 72 25 7.6
nitrous oxide N2O 114 289 298 153
CFC-11 CCl3F 45 6730 4750 1620
HFC-32 CH2F2 4.9 2330 675 205

Table 1.1: Global warming potential of some greenhouse gases [4]

1The GWP value depends on the decay of the gas concentration over time in the atmosphere.
Therefore the global warming potential is meaningless without specified time scale.
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Figure 1.4: (a) Global annual emissions of anthropogenic GHGs from 1970 - 2004. Share of
different anthropogenic GHGs (b) and sectors (c) in total emissions in 2004 in terms
of CO2 equivalent emissions [4].

World Energy Outlook [7] by the International Energy Agency (IEA) in 2006. It is
clearly visible that fossil fuels had a big share in the past, have a big share in the present
and will have a big share in the future. While the share of biomass, coal and hydro are
projected to remain almost constant, a strong decrease of oil consumption is expected in

Figure 1.5: World primary energy demand by region since 1980 with an estimate until 2030 for
the reference scenario. Over 70 % of the increase in world primary energy demand
between 2004 and 2030 comes from developing countries [7].
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Figure 1.6: World primary energy demand by fuel in 1980, 2004 and an estimate for 2030 for
the reference scenario. In 2004, approx. 80 % of the world primary energy demand
was met by coal, oil and natural gas [7].

these scenarios. Also, a fuel switch toward natural gas is reported. Nuclear energy has
experienced a strong increase in the past but is projected to decrease until 2030. Other
renewables will experience a strong increase but the share on the total primary energy
demand is still projected to be very low.

Nevertheless, there are many options for GHG emission reduction. Some are very
simple, economic and state-of-the-art, others include major investments and additional
research. The following list is just a brief overview of reduction possibilities:

• Increase of conversion efficiency:

An efficiency increase in energy conversion allows equal electricity production with
lower primary energy input. This measure also lowers fuel costs and is widely
accomplished in industrial countries today. Recent advances in this sector include
drying of lignite and the increase of live steam parameters (700 ◦C technology).

• Replacement of fossil fuels by renewable fuels:

With this measure, fossil fuels such as coal are replaced with adequate renewables.
Different kinds of biomass such as woody biomass, straw and other residues from
food production and industry are discussed in this context. For a large scale fuel
switch, energy crops will have to be grown which might get in conflict with food
production.
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• Increased use of renewable technologies:

The use of renewable energy sources (beside biomass) has a huge potential but also
has its limitations. Hydro power is already well developed and its further large
scale potential is limited. Electricity production from wind is increasing very fast
today and still has a large potential, especially for offshore wind farms. Other
renewable energy sources such as tidal and wave energy, ocean currents and solar
power have a great potential for the future but cannot yet compete with other
technologies in terms of costs.

• Fuel switch to less carbon intense fuels:

Depending on the amount of carbon in the fuel, the CO2 emission per unit energy
varies. Coal has a very high carbon content and therefore high CO2 emissions.
Natural gas (mainly lower CxHy), on the other hand, has a much lower carbon
content. Additionally, natural gas can be converted with more efficient technologies
such as combined cycle power plants. Compared to coal, however, natural gas is
more expensive per unit energy and the resources are limited.

• Nuclear energy:

Just like renewable fuels, nuclear energy produces no CO2 emissions during opera-
tion (not including erection and disassembly of the power plant as well as mining).
Its use, however, is declined by different nations worldwide owing to the problem
of long-term storage of highly radioactive waste, the potential for nuclear accidents
and the possibility for weapons-grade plutonium production. Also, with current
technology, the potential for nuclear energy is limited owing to the decreasing re-
sources of uranium. With modern technologies such as breeder reactors and the
utilization of thorium as fuel, however, the potential is very large.

• More effective energy utilization:

There is still a potential for energy saving. This includes an efficiency increase
of many electronic devices and the minimization of heat losses of buildings with
adequate insulation as well as the optimization of co-generation of heat and power.

• Carbon capture and storage:

Carbon capture and storage (CCS) allows the utilization of fossil fuels without
the emission of CO2. The produced CO2 is captured and stored and therefore not
released into the atmosphere. Section 1.3 deals with CCS in more detail.
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1.3. Carbon capture and

storage (CCS)

As already shown in Figure 1.6, fossil fuels will con-
tinue to be a major player as primary energy source
in the future. CCS allows the utilization of fossil fu-

els without emitting the produced CO2 into the atmosphere. It could be applied in
most CO2 emitting sectors such as energy supply and industry. Even though CCS de-
creases the amount of CO2 emitted into the atmosphere, the fuel input of the process is
increased (see Figure 1.7).2 Since the energy penalty for CCS is directly linked to the
amount of produced CO2 (and thus fuel input), highest possible efficiency of the process
is essential to minimize the energy penalty for CCS. According to the IPCC [8], the fuel
consumption increases by 11− 22 % for natural gas combined cycle plants, 24− 40 % for
pulverized coal plants and 14 − 25 % for integrated gasification combined cycle plants
(IGCC).

Many reports on carbon capture and storage have been prepared in recent years. The
following introduction to CCS focuses mainly on the IPCC report on CCS [8], the IEA
report on CCS [9] and the roadmap to carbon sequestration technology by the U.S.
Department of Energy [10].

Figure 1.7: CCS decreases the amount of CO2 emitted to the atmosphere but increases the fuel
consumption and thus conversion efficiency and CO2 production (adapted from [8]).

2The high energy demand for separation, compression and transport of the CO2 eventually has to
be compensated with additional primary energy.
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1.3.1 Technologies for CCS

CCS for small scale applications, such as the transportation and building sector, is
expected to be more difficult and expensive than from large CO2 sources. Therefore,
the large scale energy supply sector and industry have the biggest potential for cost
effective CCS. Figure 1.8 gives a brief overview of the currently discussed CO2 capture
technologies.

In many industrial processes, CCS is already accomplished today. In the production
of pure H2, ammonia, alcohols and synthetic liquid fuels, CO2 has to be removed from
process gas streams. Most of this CO2, however, is still vented today because there is no
commitment for storage. In these processes, CCS could be integrated rather easily and
cost effectively. One major advantage of these applications is the high partial pressure
of CO2 in the flue gase which makes the capture less energy intensive. Steel and cement
production are further candidates for CCS from industrial processes [8].

Post-combustion capture applies conventional power boilers with an additional unit

Figure 1.8: Discussed routes for CCS
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for CO2 removal from the flue gase. Owing to the low CO2 concentration in the flue gas,
amine scrubbers are applied. This process is approved and existing power plants could
be retrofitted. The CO2 separation unit, however, is very big owing to the high amount
of flue gas to be processed. Further, the separation step has a high energy consumption.
Post-combustion capture is primarily applicable to conventional coal-fired power plants
but may also be applied to gas-fired units [10].

Pre-combustion capture has already been done for many years in the production of
synthesis gas. The fuel is processed to syngas (CO + H2) via gasification of solid fu-
els or reforming of gaseous or liquid fuels (steam reforming or partial oxidation) with
subsequent water-gas shift reaction. This way, nearly all of the carbon in the fuel is
processed to CO2. Owing to the much higher CO2 partial pressure in the syngas (high
CO2 concentration and absolute pressure) compared with flue gases of power plants,
the gas separation unit decreases in size and cost. Furthermore, other processes such as
the rectisol or selexol process, can be applied. Unfortunately, the fuel processing step
is usually a high temperature process which implies a partial conversion of the chemical
energy in the fuel to heat and therefore a loss of efficiency. Additionally, an air separa-
tion unit might be necessary for the supply of O2 for gasification. This unit, however,
would be much smaller than the air separation unit for oxy-combustion.

Oxy-combustion features the combustion of fuels with pure O2 and recirculated flue
gas. The primary products of such boilers are CO2 and H2O which can easily be sepa-
rated. In this case, however, an air separation unit is necessary and additional research
on the combustion with “artificial air” is necessary. Alternatively, less energy intensive
air separation technologies are currently under research but are still not reliable today.
According to the U.S. Department of Energy [10], oxy-combustion offers several addi-
tional benefits. Besides a 60− 70 % reduction of NOx emissions (very low N2 content in
combustion chamber) and increased mercury removal, retrofitting of existing coal-fired
power plants is possible.

Unmixed combustion represents a fourth possibility for CCS. In this case, air and fuel
are not mixed during combustion and two separate flue gases are obtained [11]. While
the first stream usually contains the depleted air (N2 with some excess O2), the second
stream contains the oxidized fuel (ideally CO2 and H2O). Solid oxide fuel cells (SOFC)
and chemical looping combustion (CLC) are two candidates for this technology for CCS.

A comparison in terms of performance and cost of post-combustion capture, pre-
combustion capture and oxy-combustion has been made by Davison [12].
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1.3.2 CO2 transport and storage

After the capture of CO2, its transport to storage or utilization sites is necessary. This
will be accomplished in high-pressure pipelines to onshore sites or by tankers (similar to
existing LGP carriers) to offshore sites. The transport of CO2 has been demonstrated
in the U.S. since the early 1980s. Today, about 3000 km of land-based CO2 pipelines are
in operation around the world but primarily in North America [9].

For storage of CO2, ocean storage and underground geological storage have been pro-
posed. The latter can be divided into storage in deep saline formations, depleted oil and
gas reservoirs and deep, unminable coal seams. The estimated capacity of these options
is listed in Table 1.2.

For the geological storage, there exist three principle mechanisms for CO2 sequestra-
tion. CO2 can be trapped as gas or supercritical fluid under a layer of low-permeability
rock, very similar to how natural gas is trapped in gas reservoirs. This mechanism is re-
ferred to as hydrodynamic trapping. The second mechanism is called solubility trapping
in which CO2 is dissolved into a fluid. CO2 can also react with minerals and organic
matter to become part of the solid mineral matrix (mineral trapping) [9].

Underground geological storage has been successfully put into operation in the Sleipner
Project, operated by Statoil, in the North Sea (Figure 1.9). CO2 from Sleipner West
Gas Field is separated and injected into a large, saline formation 800 m below the seabed
of the North Sea. Approximately 1 MtCO2 is injected every year. The total storage
capacity is estimated to be in the range of 1−10 GtCO2. A second example for geological
storage is the In Salah - CO2 Storage Project in Algeria where CO2 is stored in a gas
reservoir [8].

Enhanced oil recovery (EOR) has been utilized for many years, especially in the U.S.
and Canada. For EOR, CO2 is injected into oil reservoirs (Figure 1.10). This way, the

sequestration type worldwide capacity [GtCO2]
ocean 2300 (350)− 10700 (1000)
deep saline formations > 1000
depleted oil and gas reservoirs 675− 900
coal seams 3− 200
annual CO2 emissions 26.4± 1.1 [4]

Table 1.2: Worldwide capacity of potential CO2 storage sites compared with annual emissions
(average value in the period 2000 to 2005). The potential for ocean storage is large
relative to fossil fuel resources and is dependent on the atmospheric CO2 stabilization
concentration (number in brackets in ppm) [8].
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Figure 1.9: Simplified diagram of the Sleipner CO2 Storage Project [9]

mobility of the oil and thus the productivity of the reservoir is increased. Applying
EOR could therefore significantly reduce the price of CO2 sequestration. An example
for this technology is the Weyburn CO2-EOR Project which is located in the Williston
Basin, a geological formation in parts of the U.S. and Canada. It is expected that about
20 MtCO2 will be stored in the field over the lifetime of the project (20− 25 years). The
dehydrated CO2 is compressed and piped to Weyburn (southern Saskatchewan, Canada)
for use in the field [8].

Current EOR activities mainly use CO2 from natural resources. This involves ad-
ditional emissions of CO2 from these sources. A switch to CO2 from carbon capture
facilities is essential in the near future and will contribute to the reduction of current
GHG emissions.

Oceans are part of the natural CO2 cycle and already store parts of the anthropogenic
CO2 emissions. 500 GtCO2 out of 1300 GtCO2 total anthropogenic CO2 emissions have
already been taken up by the oceans in the past 200 years. This has resulted in a
decrease of approx. 0.1 in pH value at the ocean surface but virtually no change at
greater depths [8]. CO2 can also be stored in form of lakes in depths where its density
is higher than sea water (below 3000 m). The environmental impact of CO2 lakes on
aquatic life in the water and on the seabed, however, might be severe and still has to be
evaluated.

Mineralization has also been mentioned in combination with CO2 sequestration. The
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Figure 1.10: Injection of CO2 for enhanced oil recovery. The CO2 that is produced with the
oil is separated and reinjected [8].

reaction of CO2 with minerals (such as magnesium silicate) is energy producing and
therefore energetically favorable. The formed carbonates are stable and environmentally
harmless. This option, however, faces the challenge of huge amounts of materials that
have to be handled and poor reactivity of the minerals. Further, this option of CO2

sequestration implicates extensive mining activity which will have some environmental
impact.

1.4. Objective of this work Chemical looping combustion is a very attractive
technology for efficient energy utilization from fos-

sil fuels with subsequent carbon capture. Up to now, CLC has been demonstrated on
a scale up to 50 kW thermal power. This work deals with the design and operation
of a 120 kW chemical looping combustor which features a new design concept for two
interconnected fluidized bed reactors.

In the first part of this thesis the dual circulating fluidized bed (DCFB) reactor system
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is introduced. The DCFB reactor system offers a wide range of advantages compared
with other systems. These include excellent gas-solids contact over the total reactor
height, minimized solids inventory and high potential for scale-up. On the basis of
this concept, the design of the 120 kW CLC pilot rig is made. This CLC unit can be
fueled with natural gas and designed mixtures of H2, CO, N2, CO2 and C3H8 from gas
cylinders. The results presented in this first part are based on Paper I and Paper II.

The CLC pilot rig has been put into operation in early 2008. Since then, more than
100 h of hot CLC operation have been performed. In the second part of this work,
different results from these experiments are presented and discussed. This part is based
on Paper III, Paper IV and Paper V.

Beside the design and operation of the CLC pilot rig, a simulation tool for detailed
modeling of reactor kinetics has been developed. The model is capable of characterizing
gas and solids composition at different positions of the reactor system. Different operat-
ing cases are simulated and predictions for the pilot rig operation are made. The content
of this part in based on Paper VI.
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2

CHEMICAL LOOPING COMBUSTION (CLC)

2.1. Principle of chemical

looping combustion

Chemical looping combustion is a novel two-step
combustion process in which the mixing of fuel and
air is completely avoided. The reactor system con-
sists of two separate reactors, an air reactor (AR)

and a fuel reactor (FR). The oxygen for combustion is transported by an oxygen carrier
(OC) which circulates between the two reactors (Figure 2.1). Therefore, this process
features inherent CO2 separation and the energy penalty for the capture of CO2 from
the exhaust gas is minimized.

For the operation of a CLC reactor system, high gas-solids contact to assure appropri-
ate fuel conversion (and minimize solids inventory) is obligatory. Further, transporta-
bility and continuous mixing of the particles is necessary. Therefore, both air and fuel
reactors are typically designed as fluidized beds with the oxygen carrier as bed material.

Figure 2.1: Principle of chemical looping combustion. Fuel and air are not mixed during com-
bustion. The necessary O2 is transported by an oxygen carrier from the air reactor
to the fuel reactor.
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Loop seals between the two reactors (typically fluidized with H2O) avoid mixing of the
reacting gases from each reactor. This design uses conventional technology that has
been successfully implemented for many years in different applications such as solid fuel
combustion and in different processes of petrochemistry.

The air reactor is usually designed as a fast fluidized bed to assure appropriate solids
circulation. For the fuel reactor, bubbling and turbulent fluidized beds have been pro-
posed. Bubbling fluidized beds offer a simple design but suffer from the possibility of fuel
bypass in the bubble phase and limited fuel power of the plant. In turbulent fluidized
beds, higher mechanical stress on the particles is expected (e.g. in cyclone separators).
This approach, however, minimizes the fuel bypass and allows larger plant size.

In the fuel reactor, the fuel is oxidized according to

CxHyOz + (2x +
y
2
− z)MeOα GGGGBFGGGG xCO2 +

y
2

H2O + (2x +
y
2
− z)MeOα−1 (2.1)

reducing the oxygen carrier at the same time. The reduced oxygen carrier is then
transported back to the air reactor where it is reoxidized according to

MeOα−1 +
1
2

O2 GGGGBFGGGG MeOα. (2.2)

The air reactor exhaust gas contains N2 and some excess O2, depending on the global
air/fuel ratio. The reaction in the air reactor is always exothermic, whereas the reactions
in the fuel reactor are slightly exothermic or endothermic depending on the active metal
of the oxygen carrier and the fuel. The sum of reactions in air and fuel reactors is
identical with the direct oxidation of the fuel, i.e.

CxHyOz + (x +
y
4
− z

2
)O2 GGGGBFGGGG xCO2 +

y
2

H2O (2.3)

When an adequate oxygen carrier is used and enough residence time is provided,
the fuel reactor offgas ideally consists of CO2 and H2O only. After the condensation
of H2O, a highly concentrated CO2 stream is obtained. Therefore, chemical looping
combustion has been identified as a high potential technology for CCS. Beside this
advantage, CLC has also been mentioned in context with low NOx combustion. Owing
to the low combustion temperature and the flameless combustion in the air reactor, low
NOx production is expected which has been demonstrated by Ishida and Jin [13] and
Ryu et al. [14].

In principle, all kinds of gaseous fuels, such as natural gas or synthesis gas, can be
used for CLC. Naturally, there is a great interest for the combustion of coal in chemical
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looping combustors. Two different approaches toward solid fuel utilization in CLC are
discussed in section 2.6.

2.2. Oxygen carriers A number of different metals and their oxides have been
mentioned in literature for use as oxygen carrier in chem-

ical looping combustors. The most important candidates are Cu, Fe, Ni, Co and Mn.
The main demands for particles to be used as oxygen carriers are:

• Thermodynamic capability for sufficient fuel conversion.

• Sufficient strength against attrition for use in fluidized beds.

• Low tendency for agglomeration.

• High oxidation and reduction reaction rates.

• Sufficient oxygen transport capacity (i.e. the maximum mass fraction of O2 that
can be transported by a particle) to limit the required solids circulation.

• Low tendency for coke formation.

• High availability and low price of the raw materials.

• Environmental harmlessness.

None of the mentioned metals features all desired properties. Therefore, a trade-off
has to be found. To increase the stability, the active metals are often combined with
inert oxides such as Al2O3, TiO2 or yttria-stabilized zirconia [15].

Figure 2.2 shows the O2 transport capacity R0 of different redox systems. In terms of
reactivity toward hydrocarbons (especially CH4), NiO-Ni is the favorable redox system.
For the combustion of syngas all of the mentioned redox systems have high or adequate
reactivity. The transition of Fe2O3 to Fe has a very high O2 transport capacity but it
is probably not feasible for different reasons. Beside thermodynamic limitation of fuel
conversion between FeO and Fe, it is very difficult to operate a CLC reactor between four
different oxidation states of the metal. Ni, Co and Cu also have very high oxygen trans-
port capacities. Co and Ni are very problematic in terms of health and environmental
impact. Cu also faces this problem but to a much lower degree. In terms of availability
and raw material price, iron oxides are certainly superior to the other materials. The
melting temperature of most redox systems is sufficiently high for the operation of CLC
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Figure 2.2: O2 transport capacity R0 of different unsupported materials discussed as oxygen
carriers. Depending on the amount of added support material, R0 is significantly
reduced. The composition (and thus R0) of ilmenite is dependent on the mining
site.

combustors. Only Cu might face some problems with particle agglomeration owing to
its low melting temperature (Tmelt,Cu ≈ 1084 ◦C, Tmelt,CuO ≈ 1201 ◦C).

Natural minerals, such as ilmenite, usually have a low oxygen transport capacity owing
to the high content of inert substances (in this case TiO2). Further, the BET surface is
very low (very low porosity) which significantly reduces the reactivity of these materials.
Owing to the very low price and high availability, however, these materials are also very
interesting for CLC, especially for the combustion of syngas.

The combination of different active metals in oxygen carriers, so-called mixed oxides,
have been proposed to combine different properties of used metals. In this context,
Cu-Ni [16], Co-Ni [17] and Ni-Fe [18] based oxygen carriers have been mentioned. The
combination of natural minerals with fabricated particles also belongs to this category.
The reactivity of natural minerals toward H2 and CO is usually quite adequate but for
the conversion of hydrocarbons (especially CH4) catalytic active particles are required.
Therefore, the combination of these cheap natural minerals with a small fraction of highly
reactive (and catalyzing) particles (e.g. Ni-based) seems very promising. The active Ni
in the carrier is capable of reforming hydrocarbons to a syngas which is subsequently
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fully oxidized by the natural mineral.
There are numerous publications on the production and performance of different oxy-

gen carriers. A theoretical analysis of 27 different oxide systems for the applicability in
chemical looping combustion is presented by Jerndal et al. [19]. The investigation of 240
samples composed of Cu, Fe, Mn or Ni oxides on different support materials is made
by Adanez et al. [20]. There are numerous further publications on the performance of
different oxygen carriers. Johansson et al. [21] have prepared a comprehensive overview
of most of these investigations.

2.3. History of chemical

looping combustion

The principle of CLC was first mentioned in a patent
by Lewis and Gilliland [22] as early as in 1954. In
this patent, CLC with a Cu-based oxygen carrier was

applied for the production of pure CO2 from solid, oxidizable carbonaceous material (e.g.
coal). This method had advantages over CO2 recovery from flue gases from combustion
and alcohol fermentation. The process applied a multi-stage bubbling fluidized bed
reactor with counter flow of the solid fuel and the oxygen carrier. The spent oxygen
carrier was then reoxidized in a regenerator. Lift gases were used to transport the solids
between the reactors. The process was never commercialized but the patent already
offers many details on oxygen carrier configuration, fuel handling, operating parameters
(temperature, fluidization, . . . ), gas purities and reactor design (see Figure 2.3).

Later, in 1968 and 1983 the principle of chemical looping combustion was discussed
by Knoche and Richter [23] and Richter and Knoche [24] with the intention to increase
the reversibility of combustion processes and thus the thermal efficiency of the process.
When applying adequate oxygen carries, CLC features a so-called chemical heat pump,
i.e. the shifting of low temperature heat to a higher level. This is achieved with an
endothermic fuel reactor and a highly exothermic air reactor. With this measure, the
entropy gain of the overall process is reduced. In 1987, Ishida et al. [25] applied this
theoretical concept to a power process including the evaluation of the thermal efficiency
by means of graphic exergy analysis.

The link between CLC and CO2 capture was first made by Ishida and Jin [26] in 1994.
In this work, CLC is proposed for the improvement of the overall system efficiency of a
power cycle and the recovery of H2O and CO2. This concept was carried on by Lyngfelt
et al. [15] who proposed the first reactor concept for chemical looping combustion (Fig-
ure 2.4). In this study, the air reactor is operated in the fast fluidization regime to ensure
sufficient particle transport to the fuel reactor, which is operated in bubbling regime.
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Figure 2.3: Process setup for the production of pure CO2 using the principle of CLC. Cu-based
particles were applied as oxygen carrier in this process. A detailed description and
a list of all components is presented by Lewis and Gilliland [22].

Two loop seals, fluidized with H2O, in the upper connection and the lower connection re-
spectively, avoid mixing of the air and fuel reactor offgases. One major advantage of this
concept is, in principle, the possibility of retrofitting existing circulating fluidized bed
(CFB) boilers to CLC boilers. The combustion zone of the CFB boilers could be used as
air reactor whereas the fuel reactor could be placed in the return leg. Some structural
alterations in the offgas coolers, however, will certainly be necessary to maintain proper
heat integration in the process.

The design by Lyngfelt et al. [15] is made for an atmospheric boiler with 10 MW
fuel power and CH4 as fuel. All major parameters for the design of a CLC unit are
discussed and determined. Furthermore, important relations for the design and operation
of this process regarding oxygen carrier performance, temperatures and reaction rates
are outlined and discussed.
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Figure 2.4: CLC reactor concept proposed by Lyngfelt et al. [15]

2.4. Current CLC

experience with gaseous

fuels

Chemical looping combustion for gaseous fuels has
been demonstrated with various oxygen carriers in
recent years. First experiments have been performed
with batch reactors and thermo-gravimetric analyzers

(TGA) to determine the reactivity of different oxygen carriers and their potential for use
in CLC processes. Experiments in continuous looping units, however, are essential to
prove the applicability of the CLC technology. In this sense, different continuous looping
units have been erected and operated in recent years. An overview of some currently
existing continuous looping units is shown in Table 2.1. In total, more than 1500 h of
continuous looping operation have been reported worldwide in these test rigs. The units
at Chalmers University of Technology and CSIC have reported more than 1000 h and
300 h respectively [27].

Batch reactors and TGAs were used in the beginning of CLC investigation and still
are very useful tools today. Results of these experiments for gaseous fuels have been
presented by Cho et al. [33, 34, 35], Corbella et al. [36], de Diego et al. [37, 38], Ishida
et al. [39] and Johansson et al. [18, 40]. Continuous looping unit operation results with
gaseous fuels have been published by Abad et al. [41, 42], Adanez et al. [16], de Diego
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location power fuel reference
[kWth] (ng ... natural gas) (e.g.)

1 Chalmers 10 ng [28]
2 Chalmers 10 RSA coal, pet coke [29]
3 Chalmers 0.3 ng, syngas [30]
4 CSIC 10 ng [31]
5 South Korea 50 ng [14]
6 South Korea 1 CH4 [32]
7 Vienna (TUV) 120 ng, syngas, C3H8 Paper I

Table 2.1: Excerpt of the currently existing CLC units (data taken from Lyngfelt et al. [27])

et al. [31], Johansson et al. [43], Linderholm et al. [44] and Ryu et al. [14]. Reaction
kinetics of different oxygen carriers have been determined by Abad et al. [45, 46], Garcia-
Labiano et al. [47] and Zafar et al. [48, 49]. Garcia-Labiano et al. [50] have examined
the effect of pressure on the performance of various oxygen carriers.

2.5. Chemical looping

reforming (CLR)

The decrease of the global air/fuel ratio below 1.0 in
a CLC process results in the emission of H2 and CO
from the fuel reactor. This is not desirable for chemical

looping combustion but can be utilized for the production of a syngas (CO, H2) from
hydrocarbons. This process is known as chemical looping reforming and has been pro-
posed by Mattisson and Lyngfelt [51] in 2001. It represents an alternative to partial
oxidation and steam reforming of hydrocarbons and has been successfully demonstrated
by, for example, Ryden et al. [52]. Production of H2 with CLR in combination with a
combined cycle process is an alternative to chemical looping combustion for fossil fuel
energy utilization with CCS.

The straight-forward concept for CLR is the simple reduction of the global air/fuel
ratio to the desired value, henceforth termed CLR(a) (Figure 2.5(a)). The global air/fuel
ratio regulates the amount of produced H2 and CO as well as the heat production of the
process (see Figure 2.6). The operating region for autothermal reforming with respect
to the global air/fuel ratio, is in the range of 0.25− 0.40 , depending on heat losses and
heat integration of the process. Below this value, the reactor system has to be externally
heated to conserve the operating temperature.

CLR(a) offers a wide range of possibilities for process set-up and heat integration.
An overview over different process set-ups and the evaluation of their performance and
efficiency has been published by Ryden and Lyngfelt [53].
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(a) CLR(a) (b) CLR(s)

Figure 2.5: Concept of CLR(a) and CLR(s) with condenser (Cond), pressure swing adsorption
unit (PSA), steam reformer (SR) and water gas shift reactor (WGS).

A more advanced concept of CLR is the combination of steam reforming with CLC,
henceforth termed CLR(s) (Figure 2.5(b)). In this concept, a conventional steam re-
former is externally heated by a chemical looping combustor instead of direct heating
by combustion of additional fuel. This process has the main advantage that the H2

(a) Heat production in CLR(a) operation (b) Gas composition in CLR(a) operation

Figure 2.6: Heat production and product gas composition in CLR(a) operation (fuel: CH4,
TFR = 850 ◦C, 4XS = 0.10 , Ni based oxygen carrier with 40 wt% active NiO).
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is produced at high pressure and pressure swing adsorption (PSA) for the removal of
CO2 is avoided. Nevertheless, a PSA for H2 separation is necessary. Since some of the
produced H2 has to be combusted in the fuel reactor anyway, its separation efficiency
can be somewhat lower. This concept is presented in more detail by Ryden and Lyngfelt
[54].

2.6. Chemical looping

combustion of solid fuels

Most investigations on chemical looping combustion
have been performed on use of gaseous fuels. Coal,
however, is cheaper and much more abundant than

gaseous fossil fuels. Therefore, the reputation of CLC in the technology pool could
increase very much if coal could be fired. In principle, there are two different approaches
for use of solid fuels in CLC boilers:

1. External gasification: The combustion of syngas from coal gasification (mix-
ture of CO and H2) with CLC has been demonstrated by different researchers (e.g.
[41, 42, 45], Paper III, Paper IV). Compared to hydrocarbons, this fuel is rather
easy to convert owing to the high reactivity of many oxygen carriers toward CO
and H2. Therefore, the utilization of coal as fuel in chemical looping combustion
with preceding gasification seems easily feasible. Unfortunately, the air separa-
tion unit (ASU) needed for coal gasification is very energy consuming and reduces
the efficiency of the overall process. The amount of O2 needed, however, is much
smaller compared with for oxy-combustion. Additionally, this process is in compe-
tition with pre-combustion capture which is at a higher stage of development and
implementation.

2. In situ gasification: The direct introduction of solid fuels into the fuel reactor
would be very attractive in terms of simplicity and efficiency of the process. The
solid fuel is in situ gasified in the fuel reactor in a H2O/CO2 atmosphere with
subsequent oxidation of the produced CO and H2. This approach, however, faces
problems with ash separation from the particles in the fluidized beds and the
transport of fuel particles together with the oxygen carrier to the air reactor where
its combustion in an air atmosphere takes place. Since this transport will lead
to CO2 emissions from the air reactor and thus a decrease in the CO2 capture
efficiency, it has to be avoided. The reaction time for gasification is much higher
than for combustion in the air reactor which implies that most of the fuel particles
will eventually end up in the air reactor. In this case, the CO2 is not captured and
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reduces the CO2 capture efficiency. Therefore, either a unit (or mechanism) for
the separation of oxygen carrier and fuel particle in the connection between fuel
and air reactors is needed or the design of the reactor system has to be changed.
A staged fuel reactor design and a fuel reactor cascade are improved concepts
for the in situ gasification of solid fuels in the fuel reactor. These improvements
would significantly increase the residence time of the fuel particles in the reducing
atmosphere and thus the CO2 capture efficiency but also the complexity of the
process. The direct introduction of solid fuels into the fuel reactor is a rather
new discipline and has been studied by Berguerand and Lyngfelt [29, 55]. Much
research is still necessary in this area.
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3

DESIGN OF CHEMICAL LOOPING COMBUSTORS

3.1. Reactor systems for

chemical looping

combustion

In recent years, different chemical looping combus-
tors have been built all around the world (see Ta-
ble 2.1 on page 23). The largest of these units with
50 kW fuel power is located in South Korea. In all of
these units, fluidized bed reactor systems have been

applied. Fluidized beds offer a wide range of benefiting aspects for use in chemical
looping combustion. These include the possibility of solids transportation and excellent
gas-solids contact and heat exchange properties.

For the design of a chemical looping combustor, different aspects have to be consid-
ered. High global solids circulation rate between air and fuel reactors is necessary to
transport sufficient O2 for the combustion. Further, high solids circulation minimizes
the temperature difference between the two reactors and thus thermal stress. This is
of special importance, when highly endothermic chemical reactions proceed in the fuel
reactor (e.g. steam reforming reaction in chemical looping reforming). Further, the gas-
solids contact in both reactors has to be maximized to ensure proper gas conversion.
This is of special importance in the fuel reactor since the emission of unconverted fuel
is hardly tolerable.

At Chalmers University of Technology, a CLC reactor system at a scale of 10 kW
fuel power has been erected in 2002 and has meanwhile been operated for more than
1000 h [27]. The air reactor in this unit is designed as a fast fluidized bed. The entrained
oxygen carrier particles are transported via a loop seal to a bubbling fluidized bed (BFB)
fuel reactor (see Figure 3.1). The major priority in the design of this test rig was not
to demonstrate the behavior of large CLC power plant performance in small scale but
to obtain high operating flexibility. This was necessary to allow parameter variations to
study particles and reactions in continuous operation and for the case that unforeseen
changes had to be made [28].

BFBs suffer from the possibility of gas bypass in the bubble phase. In the particle-
free freeboard of BFBs, no relevant reactions can be expected for CLC because the
necessary oxygen carrier particles are missing. The gas slip can be minimized by low
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Figure 3.1: Set-up of the 10 kW CLC reactor system at Chalmers University of Technology.
The air reactor is designed as a fast fluidized bed whereas in the fuel reactor a
bubbling fluidized bed is applied (adapted from [28]).

fluidization numbers and sufficient bed height. This will result, however, in relatively
large fuel reactor bed cross section areas, high solids inventors and high bed pressure
drops. Circulating fluidized beds (CFBs) offer the presence of solids over the total
reactor height. Therefore, gas-solid reactions are expected in the whole reactor volume.
Compared with BFBs, increased gas conversion has generally been observed in CFBs [56].
Further, these reactors have a smaller cross section to power ratio which lowers the overall
plant size compared with BFB boilers. Therefore, it seems promising to design the fuel
reactor as fast or turbulent fluidized bed.

3.2. Reactor systems with

two interconnected fluidized

beds

Reactor systems with more than one fluidized
bed have already been successfully commercial-
ized. The classical application thereof is the
fluid catalytic cracking process (FCC), in which

one reactor is used for cracking higher hydrocarbons and the other reactor for the com-
bustion of char formed on the catalyst particles (catalyst regeneration). Interconnected
fluidized beds have further been applied for biomass gasification [57], carbonate loop-
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(a) Battelle/FERCO biomass gasifier [61] (b) Alstom chemical looping reactor concept [62]

Figure 3.2: Reactor system concepts with two interconnected circulating fluidized beds

ing [58, 59] and sorption enhanced reforming [60].
Systems with two interconnected circulating fluidized bed reactors have been men-

tioned in literature by Paisley et al. [61] for biomass gasification (Figure 3.2(a)) and
by Andrus [62] for chemical looping processes (Figure 3.2(b)). In these reactor system
concepts, solids entrainment in both reactors is crucial in order to provide solids circu-
lation between the reactors. Further, the solids have to pass two cyclone separators for
one global solids loop. This will increase the fragmentation of the particles and the loss
of fines which could be an economical disadvantage when expensive oxygen carriers are
used. The solids hold-up in these reactor systems is defined by the fluidization regime
in each reactor, which changes at different loads. This has to be considered in the de-
sign phase and proper measures have to be taken to avoid the accumulation of solids at
different locations in the reactor system.

The dual circulating fluidized bed (DCFB) reactor system is an alternative to the
concepts proposed by Paisley et al. [61] and Andrus [62]. In this reactor system concept,
only one of the two reactors has an influence on the global solids circulation. Further,
inherent solids inventory stabilization and reduced particle strain are expected.
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3.3. The dual circulating

fluidized bed (DCFB)

reactor system

The DCFB reactor system is a novel way for inter-
connecting two circulating fluidized beds. The de-
sign has primarily been made to satisfy the demands
for chemical looping combustion and chemical loop-

ing reforming but it can be applied in numerous applications where two circulating
fluidized beds are combined. These processes include biomass gasification, sorption en-
hanced reforming and carbonate looping. The main requirements for a chemical looping
reactor systems can be summarized as:

• Excellent gas-solids contact:

For satisfactory gas conversion in the reactors, excellent gas-solids contact is neces-
sary. This is of major importance in the fuel reactor where a significant slip of fuel
is hardly tolerable. Since O2 is provided in excess in the air reactor, the gas slip
in this reactor is not as problematic as in the fuel reactor. An increased air/fuel
ratio, however, has an impact on the overall efficiency of the process.

• High global solids circulation:

The solids circulation rate controls the difference in degree of oxidation of the
particles in each reactor. Garcia-Labiano et al. [47] have shown that the reactivity
of the particles decreases with the residence time in each reactor.1 A decrease of
reactivity, however, will increase the minimum amount of solids required for the
operation of the reactor. This implies that a maximized solids circulation rate
will minimize the required amount of particles in each reactor. Further, the solids
circulation rate influences the temperature difference between air and fuel reactors.

• Low particle attrition:

Particle attrition has an influence on the operating cost of a CLC boiler. A min-
imization of particle attrition and fragmentation reduces the amount of particle
renewal and thus costs, especially when expensive oxygen carriers are used.

The reactor system shown in Figure 3.3 satisfies these demands very well. In principle,
this reactor system concept uncouples the impact of one of the reactors from global solids
circulation. The solids are entrained in the air reactor, separated in a cyclone separator
and directed to the fuel reactor via a loop seal (upper loop seal, ULS). A connection
in the bottom part of both reactors, also executed as loop seal (lower loop seal, LLS),
allows the back flow of the solids from the fuel reactor to the air reactor and closes

1This is associated with the distribution of oxidized and reduced sites in the particle and is described
in more detail in section 5.4.
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Figure 3.3: Sketch of the DCFB reactor system for chemical looping combustion. Both, air
and fuel reactors are designed as CFBs with loop seals in between. The air reactor
creates the driving force for global solids circulation. A connection in the bottom
part of the two CFBs allows the solids to backflow to the air reactor and closes the
global solids loop.

the global solids loop. The global solids circulation rate can effectively be controlled by
staged fluidization in the air reactor which is common practice in CFB technology. The
solids entrained from the fuel reactor are separated in a cyclone separator and directed
back to a lower section of the fuel reactor via the internal loop seal (ILS). Therefore, the
fuel reactor is uncoupled from the global solids loop and can be optimized in terms of
fuel conversion or other aspects.

Most of the particle attrition and fragmentation in CFBs occurs in the cyclone sep-
arators. In the reactor systems mentioned by Paisley et al. [61] and Andrus [62], each
particle has to pass at least two cyclone separators for one global solids loop. In the
DCFB reactor system, every particle ideally has to pass only one cyclone separator for
one global solids loop. Depending on the fuel reactor entrainment (fluidization num-
ber), the number of cyclone separators per global solid loop is slightly increased but will
certainly be below 2.0 when the reactor system is properly designed. Thus, the DCFB
reactor system features minimization of solids attrition and fragmentation compared
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(a) Impact of air staging in the air reactor on
GS,AR

(b) Impact of air staging in the fuel reactor on
GS,AR

Figure 3.4: Effect of air staging in the (a) air reactor and (b) fuel reactor on the global solids
circulation rate GS,AR in a cold flow model experiment. The operating conditions
correspond to 120 kW fuel power and a global air/fuel ratio of 1.2 in the hot unit
(see Pröll et al. [64] for a detailed description of the applied parameters).

with other interconnected CFB systems.
A further advantage of this reactor system is the inherent stabilization of the solids

hold-up in the system. In this concept, the solids cannot accumulate at any point of
the reactor system when proper fluidization of the CFBs and loop seals is provided. In
fact, owing to the connection in the bottom part, a distinct stable solids level in both
reactors is formed whose height is dependent on operating parameters and total solids
inventory.

CFBs are currently built with fuel powers up to 600 MWel [63]. Since CFBs are the
major components of the DCFB reactor system, very high scalability of this reactor
system is expected.

A cold flow model has been designed to investigate the hydrodynamic behavior of
the DCFB reactor system. The model represents the 120 kW CLC pilot rig at Vienna
University of Technology with a linear geometric factor of 1 : 3. The design of the hot
unit is described in section 3.6. Different parameter variations have been performed
to determine the solids circulation rate at different positions of the reactor system.
Figure 3.4 shows the impact of air staging in the air and fuel reactors on the global
solids circulation rate. One can clearly see that the air reactor has the major impact on
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(a) Impact of air staging in the fuel reactor on
GS,FR

(b) Pressure profile of the DCFB reactor sys-
tem.

Figure 3.5: Effect of air staging in the fuel reactor on the internal solids circulation rate GS,FR

and pressure profile of the DCFB reactor system (cold flow model direct data). The
operating conditions correspond to 120 kW fuel power and a global air/fuel ratio
of 1.2 in the hot unit (see Pröll et al. [64] for a detailed description of the applied
parameters).

the global solids circulation rate whereas the fuel reactor shows hardly any impact. This
implies that the fuel reactor can be optimized with respect to fuel conversion without
seriously affecting global solids circulation. On the other hand, the air reactor has to be
designed in a way to assure solids transport at all times which might negatively affect
gas conversion. Since full gas conversion is not necessary in the air reactor, however,
this should be a minor problem.2

The effect of air staging in the fuel reactor is shown in Figure 3.5(a).3 Just as in the
air reactor, the solids circulation rate is strongly dependent on the fraction of air that
is introduced in the lower section. On the one side, high solids circulation promotes the
amount of solids in higher sections of the reactor and therefore promotes fuel conversion.
On the other side, higher solids circulation in the fuel reactor increases particle attrition

2Combustors are usually operated with some excess of air. Therefore, some of the O2 will be emitted
from the air reactor anyway.

3In a hot unit this would correspond to fuel staging in the fuel reactor. Maximization of the gas
residence time in the fuel reactor premises the introduction of all fuel in the lower section. Therefore,
staging in the fuel reactor will probably not be considered in a commercial plant. It might be advanta-
geous, however, to recirculate some fuel reactor exhaust gas to an upper section of the fuel reactor in
some part load operating cases.
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owing to the increased mechanical stress in the cyclone separator.
Pressure profiles of air and fuel reactors are shown in Figure 3.5(b). The very steep

increase in the fuel reactor trend indicates a dense bottom region with a very steep
increase of the void fraction in the upper section of the reactor. In the air reactor,
however, a linear pressure profile is observed which indicates a constant void fraction over
the total reactor height. Further, the three loop seals are sketched with their connections
to the air and fuel reactors. It has to be mentioned that these profiles depend very much
on the operating conditions of the single reactors and that this special case represents the
CLC combustor at Vienna University of Technology. In principle, all sorts of different
regimes can be applied in the air and fuel reactors as long as the global solids circulation
is sufficient with respect to process requirements. The results of the cold flow model
investigation have been summarized by Pröll et al. [64].

3.4. Theoretical background

on fluidization regimes in

gas-solid fluidized beds

In this section, the theoretical background on
fluidization is briefly summarized. Beside a gen-
eral classification of different particles, the ma-
jor governing equations for the transitions be-

tween the different fluidization regimes are discussed. This extensive subject, however,
is only touched to an extent that is absolutely necessary to distinguish the different
fluidization regimes. For a more detailed introduction, the author refers to the compre-
hensive studies published by Grace and Bi [65] and Kunii and Levenspiel [66].

3.4.1 The Geldart classification of particles

Fluidization of particles is very much dependent on particle characteristics. Particle
size and density influence the superficial velocity at which regime transitions occur to
a high extent. Geldart [67] has introduced a classification in which the particles are
distinguished in four different groups. From the smallest to largest, Kunii and Levenspiel
[66] describe these groups as follows:

• Group C: cohesive or very fine powders which are extremely difficult to fluidize ow-
ing to great interparticle forces. Face powder, flour and starch are typical examples
of group C particles.

• Group A: aeratable materials, or materials with a small mean particle size and/or
low density. These particles fluidize easily with smooth fluidization at low gas
velocities and controlled bubbling at higher gas velocities.
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Figure 3.6: The Geldart classification of particles for air at ambient conditions (adapted from
[66])

• Group B: sand-like particles with increased particle size and particle density (40 <
dp < 500µm and 1.4 < ρp < 4.0 kg/m3, respectively). These particles fluidize well
and show intense bubbling action with bubbles that grow large.

• Group D: spoutable or large and/or dense particles. Deep beds of these particles
are hard to fluidize. Severe channeling and spouting behavior is observed when
the gas distribution is very uneven. Many drying grains, coffee beans, gasifying
coal and some roasting metal ores are examples of group D particles.

In Figure 3.6, the different Geldart particles are shown in a density vs. particle size
diagram.

3.4.2 Fluidization regimes in gas-solid fluidized beds

When a gaseous fluid is introduced at the bottom of a fixed bed of particles, different
hydrodynamic conditions will arise depending on the amount of introduced fluid. Start-
ing from very little amounts of gas, the solids remain in a fixed position (fixed bed)
until the minimum fluidization velocity is reached. From that point, the particles are
fluidized. A further increase of the gas velocity expands the fluidized bed and causes, in
most cases, the formation of bubbles (bubbling regime). These bubbles become larger
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with increased superficial velocity of the gas until the size of the bubbles becomes com-
parable with the column diameter at which point slugging occurs (slugging regime).4

Once the force impressed on the particles by the gas stream outbalances its weight, the
particles are elutriated. In order to keep a constant bed inventory, the elutriated parti-
cles have to be separated from the gas stream and then be recycled to the bed. When
the standard deviation of the pressure fluctuations in the bed reaches a maximum, the
turbulent regime emerges. Further increasing the gas velocity results in a continuous
increase of the amount of elutriated particles. As soon as significant entrainment is ob-
served, the regime is termed fast fluidization. In this regime there still exists an axial
solids concentration profile with upward movement of the particles in the core and down-
ward movement at the wall. At even higher gas velocities, pneumatic conveying emerges
which is characterized by a loss of the axial variations of the solids concentration except
in the bottom zone [68]. The mentioned flow patterns of gas and solids are illustrated
in Figure 3.7. In the following, a set of equations is provided to distinguish between the
described phenomena.

Fixed beds occur in the range 0 < U < Umf with the minimum fluidization velocity
Umf . The gas pressure drop in a fixed bed is dependent on the gas velocity and can be
quantified by the Ergun equation:

fp =
150
Rep

+ 1.75 (3.1)

The friction factor fp

fp =
4p
L

dp
ρU2

( ε3

1− ε

)
(3.2)

and the particle Reynolds number Rep

Rep =
dpUρ

(1− ε)µ
(3.3)

depend on the pressure drop in the packed bed 4p, the bed length L, the void fraction
of the bed ε, the equivalent spherical diameter of the particle dp, the fluid properties (ρ
and µ) and the superficial velocity U . Fluidized beds are characterized by a constant
gas pressure drop which is determined by the gravitational force of the solids inventory
in a column:

4p =
m · g
A

= (ρp − ρg)(1− ε)gL (3.4)

From Equations (3.1) and (3.4), a relation for the minimum fluidization velocity, at

4This is only valid for sufficient bed height and Geldart A, B and D particles.
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Figure 3.7: Gas-solids flow patterns in fluidized beds (adapted from [68])

which fluidization first occurs, can be derived in the form

Ar = c1 ·Remf + c2 ·Re2mf (3.5)

with the Archimedes number

Ar =
ρg · d3

p · (ρp − ρg) · g
µ2

. (3.6)

Equation (3.5) is a quadratic equation for the Reynolds number at minimum fluidization
velocity and can be approximated as [65]

Remf =
√

27.22 + 0.0408Ar − 27.2 (3.7)

with
Re =

ρ · dp · U
µ

. (3.8)
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Starting from Remf , the bed is fluidized. The superficial velocity at which bubbling
fluidization commences is highly dependent on particle properties. While Geldart C
particle do not tend to bubbling fluidization at all, the minimum bubbling velocity Umb
is equal to Umf for Group B and Group D particles. A region of bubble-free fluidization
thus exists only for Group A particles and can be calculated as follows (note that it is
essential to apply SI units in Equation (3.9)):

Umb = 33dp
(ρg
µg

)0.1
(3.9)

For Geldart B and D particles, Umb predicted from equation (3.9) is less than Umf .
Therefore, Umb must be taken as equal to Umf in this case [65]. When the superfi-
cial velocity is increased further, the bubbles become larger and eventually reach sizes
comparable with the column diameter. At this point slugging occurs [65]. Stewart and
Davidson [69] have estimated the minimum slugging velocity Ums to

Ums = Umf + 0.07
√
gD. (3.10)

According to Grace and Bi [65], however, slugging is not encountered in shallow beds
(i.e. H/D < 1), in columns of very large diameters or for fine particles (i.e. dp < 60µm)
because bubbles are then unable to grow to sizes comparable to the column diameter.

The terminal velocity Ut, at which the single particles start to be elutriated, can be
derived from balancing the particle weight, buoyancy and force due to friction and reads
as

Ut =

√
4
3
ρp − ρg
ρg

dp · g
CW

. (3.11)

The drag coefficient CW of a particle is very much dependent on the Reynolds number.
In the laminar region (Stokes region), CW is calculated from

CW =
24
Re

(Re < 0.2), (3.12)

in the turbulent region (Newton region) from

CW = 0.43 (Re > 1000) (3.13)

and in the transition region, an implicit formulation for CW is used:

CW =
24
Re

+
4√
Re

+ 0.4 (0.2 < Re < 1000) (3.14)

38



Formally, the turbulent regime initiates when the standard deviation of pressure fluctu-
ations in the bed reaches a maximum (U = Uc). According to Bi and Grace [70], this
transition first occurs when the relation

Rec = 1.24Ar0.45 (2 < Ar < 108) (3.15)

is fulfilled. The transition between turbulent regime and fast fluidization is observed at
the critical velocity Use. At this point the solids begin to be entrained significantly [71].

Rese = 1.53Ar0.50 (2 < Ar < 4 · 106) (3.16)

For Geldart D particles, when Use predicted from Equation (3.16) is less than the ter-
minal velocity Ut, Use should be taken as Ut [65].

Grace [68] has suggested a flow regime map in which the different regimes are clearly
indicated (Figure 3.8).

Figure 3.8: Flow regime map suggested by Grace [68]. The x-axis describes the effect of particle
characteristics on the fluidization regime whereas the y-axis accounts for gas flow
characteristics. The course of Uc and Use are extrapolated beyond their application
limits (Ar < 2).
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3.5. Technical background

for the design of chemical

looping combustors

For the design of chemical looping combustors, dif-
ferent aspects have to be considered. As already
mentioned, fluidized beds offer some optimal fea-
tures, such as excellent gas-solids contact and the

possibility for solids transport, for chemical looping processes. In this study, the de-
sign focuses on a dual circulating fluidized bed reactor system. For the operation of a
chemical looping reactor system, solids circulation is implicitly necessary at all times.
Without solids circulation, no O2 is transported from the air reactor to the fuel reactor
which will consequently lead to the shut down of the process.

The oxygen carrier has a high influence on the design of the reactor system and should
therefore be defined prior to the basic and detailed engineering. The oxygen transport
capacity R0 defines the amount of O2 that can be transported by the carrier and is
determined via

R0 =
mOC,ox −mOC,red

mOC,ox
(3.17)

with the masses of the fully oxidized and reduced oxygen carrier mOC,ox and mOC,red,
respectively. R0 is highly dependent on the redox system (see Figure 2.2 on page 19)
and the amount of inerts in the particle. The higher R0 the less solids circulation
is necessary to run a chemical looping combustor. The actual oxidation state of the
particle, henceforth termed solids conversion, can be calculated from the actual mass of
the oxygen carrier at a certain position in the reactor system:

XS =
mOC −mOC,ox · (1−R0)

mOC,ox ·R0
(0 ≤ XS ≤ 1) (3.18)

Theoretically, the oxygen carrier could be fully oxidized in the air reactor and then fully
reduced in the fuel reactor, exploiting the maximum oxygen transport capacity of the
particle. On the one side, this would minimize the required solids circulation rate in the
reactor system. The required solids inventory would be indefinitely high, on the other
side. This results from the fact that in this case of an ideally mixed air and fuel reactors,
the active sites in each reactor

nactive,AR = const · (1.0−XAR) (3.19)

nactive,FR = const ·XFR (3.20)

approach 0 and therefore there are no active sites for fuel oxidation in the fuel reactor
and for O2 uptake in the air reactor respectively. Further, the required solids inventory

40



will go ad infinitum in this case.
The mean solids conversion in the reactor system XS

XS =
mOC,AR ·XAR +mOC,FR ·XFR

mOC,AR +mOC,FR
(3.21)

derives from the distribution of solids between the two reactors and from the kinetic
parameters of the oxygen carriers toward O2 and fuel. When referring to the solids
distribution between the two reactors, one could also speak of the solids residence time
distribution. These two terms have the same significance which can easily be seen from
the following expressions:

τS,AR = mOC,AR/ṁOC (3.22)

τS,FR = mOC,FR/ṁOC (3.23)

and thus
τS,AR
τS,FR

=
mOC,AR

mOC,FR
. (3.24)

The solids inventory in each reactor is only dependent on reactor dimensioning and the
hydrodynamic conditions in each reactor. The required solids circulation rate for the
operation of a chemical looping combustor is calculated from the fuel flow and the oxygen
requirement for full oxidation of the fuel:

ṁOC =
Omin · ṁfuel

R0 · 4X
(3.25)

with
ṁfuel =

Pth
LHV

(3.26)

and the O2 demand for full oxidation of the fuel Omin. The amount of air that has to
be delivered to the air reactor is calculated via

ṁair = λ · ṁfuel ·Omin (3.27)

with the global air/fuel ratio λ. From Equations (3.19), (3.20), (3.21) and (3.25) one
can derive a relation between the active sites in the reactor system and the amount of
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circulating solids (with some simplifications 5 and constants c1 and c2):

nactive = c1 ·
(
mOC,AR · (1−XS −

c2
ṁOC

) +mOC,FR · (XS −
c2
ṁOC

)
)

(3.28)

Optimization of this relation toward ṁOC results in the expression

mOC,AR

ṁ2
OC

+
mOC,FR

ṁ2
OC

= 0 (3.29)

which has its optimum at infinitely high solids circulation rate and 4XS = 0, respec-
tively. In practice, the difference in solids conversion between air and fuel reactors is in
the range of 10 % which corresponds to 4X = 0.10 . The mass of oxygen carrier in both
reactors is given by the pressure drops in the reactors, i.e.

mAR =
4pAR ·AAR

g
(3.30)

and
mFR =

4pFR ·AFR
g

. (3.31)

3.6. Design of a 120 kW

CLC pilot rig

In 2006, a chemical looping combustion pilot rig has
been designed at Vienna University of Technology and
has been erected in 2007. Figure 3.9 shows the basic

arrangement of the CLC reactor system with all major auxiliary units. Air (optionally
preheated) is used as fluidization agent for the air reactor and is introduced via nozzles
at two different heights. The air reactor exhaust gas is cooled down to 300−400 ◦C and a
small fraction of the gas is directed to gas analyzers (CO, CO2 and O2 content analyzers).
Gaseous fuel is used as fluidization agent for the fuel reactor but is introduced only at one
level (lowest point). The fuel reactor exhaust gas is also cooled down to 300 − 400 ◦C
and partially directed to gas analyzers (CO, CO2, O2, H2, CH4, N2, Ar and higher
hydrocarbons content analyzers).

After cooling of the air reactor and fuel reactor exhaust gases, both streams are mixed
and directed to a post combustion chamber. This way, all combustibles that are still
present in the gas stream are oxidized. This is specially important in case of CLR
operation when the fuel reactor offgas consists mainly of H2 and CO. The post combustor

5The effect of solids circulation rate on the reactivity of the particles, as described in section 5.4 and
by Garcia-Labiano et al. [47], is neglected. Considering this aspect, the relation would look somewhat
different but has the same trend.
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Figure 3.9: Arrangement of the CLC reactor system and major auxiliary units. This process
flow diagram results from process modeling. For simplicity reasons, the steam for
loop seal fluidization and argon for pressure tab flushing are added to air and fuel.

is designed as fire tube boiler which cools the offgas to a temperature of approx. 200 ◦C.
A bag filter just prior to the stack avoids the emission of solids to the environment.

3.6.1 Reactor system

The unit applies the DCFB reactor concept with a fast fluidized air reactor and a tur-
bulent fuel reactor. The boarder limits between the different flow patterns in gas-solids
fluidized beds are described by Equations (3.15) and (3.16). Since the pilot rig is also
designed for chemical looping reforming, some compromises in the design have to be
made.

The CLC pilot rig is primarily designed for a Ni-based oxygen carrier with NiAl2O4

support. The main characteristics of this oxygen carrier are shown in Table 3.1. All loop
seals, however, are designed to support very high solids circulation rates to allow the
operation with oxygen carriers with much lower oxygen transport capacity. The stan-
dard operating cases for chemical looping combustion and chemical looping reforming,
respectively, are shown in Table 3.2.

The superficial velocity in the air reactor is chosen well above Use to assure proper
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parameter unit value
active metal Ni/NiO
support material NiAl2O4

active Ni content % 40
oxygen transport capacity kg/kg 0.084
mean particle diameter mm 0.120
apparent density (XS = 1.0) kg/m3 3200
sphericity 0.99

Table 3.1: Oxygen carrier for the CLC pilot rig

solids circulation in all operating cases. This is especially important for CLR operation
where the superficial velocity in the air reactor is rather low (λ� 1.0 ). In some operating
cases, the air reactor fluidization drops into the turbulent regime for this reason. The
nominal fuel power for CLR operation is increased to 200 kW which also increases the
amount of air in the air reactor (and thus superficial velocity).

Unfortunately, the reactor height is limited by the surrounding laboratory to values far
below industrial standard. The air reactor height is limited with 4.1 m whereas the fuel
reactor height is limited with 3.0 m. With this height, the gas residence time in the fuel
reactor is very short when operated in the turbulent regime. Therefore, the superficial
velocity in the fuel reactor is set to a value slightly below turbulent regime but well above
the terminal velocity Ut. Figure 3.10 shows a regime map in which different operating
cases of the reactor system are sketched.

CLC operation CLR operation
parameter unit AR FR AR FR
inlet gas flow mN/h 138.0 12.0 75.7 20.0
outlet gas flow mN/h 113.9 35.9 59.8 59.9
temperature K 1213 1123 1223 1123
fluid N2,O2 H2O,CO2 N2

∗ H2,H2O,CO,CO2

Archimedes number 7.55 9.13 8.46 5.47
superficial velocity m/s 7.32 2.08 4.91 3.45
U/Umf 1280 315 756 401
U/Ut 15.5 3.8 9.2 4.8
fuel power (natural gas) kW 120 200
LHV of fuel MJ/kg 48.8 48.8
air/fuel ratio 1.2 0.5
∗The O2 should be converted in the lower section of the air reactor.

Table 3.2: Design parameters of the chemical looping pilot rig for CLC and CLR operation
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Figure 3.10: Operating conditions in air and fuel reactors shown in a flow regime map. The air
reactor is operated in fast fluidization regime but drops into the turbulent regime
in some CLR operating cases. The fuel reactor is operated below the turbulent
regime to assure a minimum gas residence time in the reactor.

For effective control of the solids circulation rate, the possibility of air staging is in-
cluded in the design concept. The shift of a fraction of the total air to a higher level
results in a reduction of the global solids circulation rate. This has already been demon-
strated in the cold flow model (see Figures 3.4 and 3.5(a)). The cyclone separators for
particle separation from the air reactor and fuel reactor offgases are designed according
to Hugi [72]. A summary of the major reactor dimensions is shown in Table 3.3.

In total, three loop seals are implemented in the reactor system. These are

• the upper loop seal in the connection between air reactor downcomer and fuel
reactor,

• the lower loop seal in the bottom part of the reactor system which connects air
and fuel reactors and

• the internal loop seal for the internal circulation in the fuel reactor.

The upper and lower loop seal have identical dimensions (see Table 3.3). The internal
loop seal is somewhat smaller since the internal solids circulation rate is expected to be
much smaller than the global solids circulation rate. All loop seals are fluidized with
steam and the ratio of U/Umf is kept as low as possible to ensure proper gas sealing.
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parameter unit AR FR
reactor diameter m 0.150 0.1593
reactor height m 4.1 3.0
height of prim. air/fuel inlet m 0.025 0.060
height of sec. air/fuel inlet m 1.325 —
cyclone separator diameter m 0.310 0.260
upper loop seal cross section m2 9.9E-3
lower loop seal cross section m2 9.9E-3
internal loop seal cross section m2 6.4E-3

Table 3.3: Dimensions of major reactor components

3.6.2 Reactor cooling system

The cooling duty of a CLC reactor system to maintain stable operation temperature
is shown in Figure 2.6(a) on page 24. At typical global air/fuel ratios of combustors
(λ = 1.0− 1.3), a great share of the total heat has to be extracted directly from the
reactor system. In principle, there are three approaches for this cooling:

1. The bed material can directly be cooled in a fluidized bed heat exchanger. This
method is applied in most modern CFB boilers.

2. Direct cooling of the reactor walls allows heat extraction from air and/or fuel
reactor.

3. The global air/fuel ratio can be increased to a value that no additional heat ex-
traction is necessary. With this approach, however, global solids circulation rate,
air/fuel ratio and reactor temperature cannot be controlled independently from
each other.

In the present design, the second approach has been applied. The air reactor is equipped
with three different cooling jackets which can be streamed with different fluids. The
uppermost cooling jacket is cooled with air which is heated up to 500 ◦C (depending on
operating conditions). A quench cooler cools the hot air down to approx. 200 ◦C. The
air is then mixed with the steam in the steam drum and optionally directed to the lowest
cooling jacket for further reactor cooling or directly to the stack. The amount of air for
the uppermost cooling jacket and the amount of the steam/air mixture to the lowest
cooling jacket (and thus cooling duty) can be controlled with valves. The third cooling
jacket is designed as evaporator and can optionally be connected or disconnected on the
water side prior to but not during the experiments (thermal shock of the air reactor
wall).
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All other heat exchangers in the pilot rig are connected to a steam drum and operated
with boiling water at atmospheric pressure. The air reactor and fuel reactor exhaust gas
coolers are designed as tube in tube heat exchangers. The post combustor is designed
as a two pass fire tube boiler. Cooling water circulation is accomplished with natural
circulation. The produced steam from all heat exchangers is collected in the steam drum,
used for cooling of the air reactor and then directed to the stack. For simplicity reasons,
a condenser of the steam is not included in the pilot rig arrangement.

3.6.3 Auxiliary units

Different auxiliary units are necessary to operate the pilot rig. Gas compressors for
air and natural gas are necessary to overcome the pressure drops in the system. H2,
CO and C3H8 are considered as alternative fuels and are provided from pressurized gas
cylinders. Heat exchangers for air reactor and fuel reactor offgases cool the hot gases to
an intermediate state at which samples for gas analysis can be taken. A post combustor
with integrated gas cooling ensures complete oxidation of all combustibles and cools the
offgas to approx. 200 ◦C. The subsequent bag filter ensures maximum particle separation
from the gas stream before the flue gas is directed to the stack. A steam drum is used
for cooling water distribution between the different heat exchangers.

A programmable logic controller (PLC) in combination with a LabView application is
used for process control and data logging of all relevant data. For each stable operation
point, mass and energy balances are performed with the IPSEPro simulation tool. Ow-
ing to the high number of different measurements (flows, temperatures, pressures, gas
compositions, ...), the set of equations is overdetermined. This is used to minimize the
uncertainties of all measured values. More details on this evaluation are presented by
Bolhar-Nordenkampf et al. [73].
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4

OPERATING RESULTS OF THE CLC PILOT RIG

4.1. Hydrodynamic

operation of the DCFB

reactor system

This section summarizes the hydrodynamic operating
performance of the 120 kW dual circulating fluidized
bed pilot rig for chemical looping combustion in hot
operation. For this purpose, air and fuel reactor pres-
sure profiles at different operating conditions are dis-

cussed. Further, the active solids inventory in the reactor system and the impact of air
staging on the global solids circulation rate and the hydrodynamic profile of the fuel
reactor are determined and presented.

4.1.1 Pressure profiles of air and fuel reactors

In total, the CLC pilot rig is equipped with approx. 30 pressure tubs. These are
distributed all over the pilot rig, including reactor system, heat exchangers and other
auxiliary units. 18 pressure measurements are positioned in the DCFB reactor system.
These allow the determination of the pressure profiles such as shown in Figure 4.1.

The lower loop seal (LLS) is the lowest point in the reactor system and thus is exposed
to the highest pressure. The connections between LLS and air reactor and fuel reactor
respectively, are fluidized with steam as well and operate in the bubbling regime. Since
the void fraction is rather low at this point, a steep pressure decrease with increasing
height is observed. The nearly linear pressure profile in the air reactor indicates an
almost constant void fraction along the reactor height. Only in the bottom part of the
air reactor, the void fraction is slightly decreased (denser bottom bed). The fuel reactor,
on the other hand, is characterized by a much denser bottom bed. Most of the total
pressure drop in the fuel reactor occurs between the first two measuring points. This
indicates a dense bottom bed with much fewer particles in the higher sections of the
reactor and much lower solids circulation compared with the air reactor.

The solids entrainment of a reactor can be evaluated by determining the pressure loss
in the respective loop seal. The two-phase flow (gas-solids) in the loop seals generates
a pressure loss due to friction. This means, the higher the pressure drop in the loop
seal, the higher is the solids circulation rate in the respective reactor (assuming equal
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Figure 4.1: Pressure profile of the DCFB reactor system at 150 kW fuel power

fluidization and loop seal dimensions). From this point of view, the internal solids
circulation rate is much lower than the global solids circulation rate (see Figure 4.1).
A pressure drop vs. mass flow diagram for the upper and lower loop seal is shown in
Figure 4.2. For both loop seals a linear trend is observed. In general, the upper loop
seal (ULS) experiences a higher pressure difference at equal solids mass flow. This is
probably caused by the slight differences in fluidization. 1

Air staging is used to control the global solids circulation rate in the reactor system.
This measure will mainly change the hydrodynamic behavior of the air reactor but might
also have some influence on the fuel reactor. To investigate this influence, pressure
profiles are determined at three different air staging positions. The results are plotted
in Figure 4.3. Significant changes in the bottom bed of the air reactor are observed.
At lower primary fluidization, the pressure difference in the bottom bed is increased
which indicates a denser and/or higher bottom bed. Further, air staging results in an
increased air reactor solids inventory. The pressure profile in the upper region is almost
identical in all cases. The influence of air staging on the fuel reactor is very low. From
the obtained results, air staging does not show any potential problems for the operation
of the CLC pilot rig.

The pilot rig is designed for a wide range of different fuel powers. Especially in the case
of chemical looping reforming, an increased fuel power is necessary to assure sufficient

1i.e. different amount of steam and back pressure.
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Figure 4.2: Pressure loss in the upper and lower loop seals as a function of solids mass flow. Both
loop seals have identical dimensions and very similar fluidization. The back pressure
in the ULS is approx. 10 kPa lower than in the LLS (depending on operating
conditions).

Figure 4.3: Effect of air staging on the pressure profile in air and fuel reactors
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(a) AR pressure profile (b) FR pressure profile

Figure 4.4: Effect of fuel power variation on the pressure profiles in air and fuel reactors

solids circulation.2 Therefore, the influence of the fuel power on the hydrodynamics of
the reactor system is investigated and shown in Figure 4.4. Since the fluidization of the
air and fuel reactors is accomplished with the introduced air and fuel respectively and
no gas recirculation is considered, this plot directly shows the impact of a change in the
fluidization numbers in both reactors. In the air reactor (Figure 4.4(a)) a denser bed
(higher dense bed height and/or lower void fraction) in the bottom region is observed
when the fluidization is decreased. This is mainly caused by the lower solids circula-
tion rate at lower fuel power. At high air reactor fluidization, the solids are rapidly
transported back to the fuel reactor which decreases the solids residence time in the air
reactor. The fuel power change also shows some impact on the fuel reactor pressure
profile (Figure 4.4(b)). At decreased fuel power, and thus fluidization, the amount of
solids in the upper regions of the reactor is decreased.

When increasing the fuel power, some of the air reactor solids inventory is shifted
to the fuel reactor. In the range of 60 − 100 kW the air reactor loss and fuel reactor
gain are almost equal. At higher fuel power, however, the fuel reactor solids inventory
remains constant whereas the air reactor inventory is reduced further. It is assumed
that, owing to the increased solids circulation, most of this missing material is present
in the air reactor cyclone separator and downcomer. Some of this material is certainly
also present in the internal loop. Compared with the global solids loop, however, this

2This measure also increases the air flow in the air reactor which enhances solids circulation.
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Figure 4.5: Effect of power variation on the active solids in air and fuel reactors

fraction should be rather low.
The total solids inventory of the CLC pilot rig to operate with reasonable pressure

drops in air and fuel reactors is in the range of 55 − 80 kg.3 Only a fraction of this
amount, however, is present in both reactors where the chemical reactions proceed. The
rest can be found in the loop seals, downcomers and cyclone separators.4 The active
amount of material in each reactor, henceforth termed active solids inventory, has been
defined in Equations (3.30) and (3.31) and is derived from the pressure drops in air and
fuel reactors, respectively.

The active solids inventory in both reactors is also influenced by the fluidization of the
reactors. This is shown in Figure 4.5 using the example of a fuel power variation. At
higher fuel power, a slight reduction of the total active solids inventory is observed. Since
the loop seal inventory should be nearly constant for different fuel powers, the missing
solids must be present in the downcomers and cyclone separators. This assumption is
supported by the observed increased solids circulation rate at higher air reactor fluidiza-
tion (see Figure 4.6). Further, a shift of active solids inventory from the air reactor to
the fuel reactor is observed. This is probably caused by the increased back pressure in
the air reactor compared with the fuel reactor.

Beside the active solids inventory, the specific active solids inventory in kg/MW is

3This value corresponds to fully oxidized particles.
4Some gas conversion will certainly also take place in the cyclone separators. Owing to the lack of

a possibility to measure this quantity, it is neglected for the calculation of the active solids inventory.
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Figure 4.6: Global solids circulation rate GS,AR as a function of total solids inventory and
fluidization number U/Ut

plotted in Figure 4.5. Naturally, the specific active solids inventory decreases with fuel
power. Since this value also affects the gas conversion, it will have to be optimized in
an industrial application.

The global solids circulation rate can be expressed in terms of the air reactor net solids
flux GS,AR, defined as

GS,AR =
ṁOC

AAR
(4.1)

and can be determined by measuring the solids conversion of the particles at the fuel
reactor inlet and outlet (Equation (3.25)). As shown in Figure 4.6, GS,AR is mainly
influenced by the degree of fluidization in the air reactor. A linear trend of GS,AR with
U/Ut is observed in the investigated operation range. The total solids inventory has a
minor impact on the results. This plot shows one of the problems when operating the
pilot rig at very low global air/fuel ratios (CLR). Owing to the low fluidization number
(in this case U/Ut), the solids circulation rate is significantly reduced which results in
a high difference in solids conversion of the particle and a high temperature difference
between air and fuel reactors.5

5To transfer the necessary heat for the reforming reactions in the fuel reactor, a temperature difference
between air and fuel reactors will emerge to fulfill the energy balance.
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4.2. CLC performance with

different oxygen carriers

The 120 kW pilot rig for CLC at Vienna Uni-
versity of Technology is designed for a Ni-based
oxygen carrier. For commissioning of the pilot

rig, ilmenite, a natural mineral with the notation FeTiO3, is applied for safety reasons.
During this test campaign, different results are obtained. After commissioning and opti-
mization of the pilot rig, most experiments are performed with the two Ni-based particles
(OC-A and OC-B) specified in Table 4.1. This specification is only slightly different from
the specification the pilot rig was originally designed for (see Table 3.1 on page 44).

4.2.1 Experimental procedure and evaluation of results

For the evaluation of the results, it is advantageous to introduce different parameters.
In the case of CH4 combustion, the CH4 conversion XCH4 is calculated from

XCH4 = 1− xCH4

xCH4 + xCO2 + xCO
(4.2)

where xi is the volume fraction of the species i in the fuel reactor exhaust gas. In the
same way, the CO conversion is calculated for the case of syngas combustion (CO and
H2 as fuel):

XCO = 1− xCO

xCO2 + xCO
(4.3)

In the case of H2 as fuel, the situation is somewhat more complicated. Since the gas
analysis can analyze dry gases only, an inert gas has to be added to the fuel to determine
XH2 .6 For this purpose, N2 is added to the fuel and XH2 reads as

XH2 =
ṅH2,in − ṅH2,out

ṅH2,in
= 1−

ṅN2,in · xH2

ṅH2,in · xN2

. (4.4)

parameter unit OC-A OC-B
active metal Ni/NiO Ni/NiO
support material NiAl2O4 NiAl2O4/MgAl2O4

NiO content % ≈ 40 ≈ 40
oxygen transport capacity kg/kg 0.08568 0.08844
dp mm 0.120 0.120

Table 4.1: Ni-based oxygen carriers applied in the CLC pilot rig

6When operating with pure H2 as fuel, the dry exhaust gas will consist of H2 only, independent of
fuel conversion. By adding an inert gas, an element balance of this substance can be applied to calculate
the H2 conversion.
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In the case of syngas combustion (mixtures of CO and H2), N2 does not have to be
added to the fuel and the H2 conversion can be calculated with the aid of a C-balance.
In this case, XH2 reads as

XH2 = 1−
(ṅCO,in + ṅCO2,in) · xH2

ṅH2,in · (xCO + xCO2)
. (4.5)

The CO2 yield describes the selectivity of the reactions toward CO2

γCO2 =
xCO2

xCH4 + xCO2 + xCO
(4.6)

and is thermodynamically limited to values slightly below 1.0 when Ni-based OCs are
used [73]. In Equations (4.2), (4.3), (4.5) and (4.6) it is assumed that no carbon is
formed in the fuel reactor which will be confirmed in section 4.2.4.

The CLC pilot rig offers the possibility of solids sampling during hot operation. There-
fore, the solids conversion can be determined. Using this value, the solids circulation
rate can be calculated via Equation (3.25). The set-up for solids sampling is shown in
Figure 4.7. A heat-resistant pipe is introduced directly into the fluidized bed in the
downward direction (A). In this way, solids are prevented from advancing toward the
instrumentation during times when no solids are extracted. The pipe is then bent into
a vertical direction. A ball valve (B) which does not distract the solids path in the fully

Figure 4.7: Experimental set-up for solids sampling from fluidized beds
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Figure 4.8: H2 and CO conversion using ilmenite as oxygen carrier

open position seals the connection to the fluidized bed at this point. From there, the
solids pipe is connected to the solids deposit (D) with another ball valve (C) in between.
The solids deposit outlet is equipped with a filtering device (E) and another valve (F).
Between the two solids valves (B) and (C) a connection for inert gases with another
valve (G) is attached. In the case of hot sampling, the solids container (D) is cooled
with cold water to avoid overheating of the instrumentation. More details on the solids
sampling procedure and evaluation of the samples are presented in Paper IV.

4.2.2 Performance of ilmenite for chemical looping combustion

Prior to the operation with the designed Ni-based oxygen carrier, a series of experiments
with ilmenite (FeTiO3) as oxygen carrier is performed. For this purpose the CLC pilot
rig is fueled with H2 and CO. Unfortunately, the used particles have a relatively large
mean diameter (200− 300µm).

Figure 4.8 shows the results of this first investigation. The H2 conversion is in the
range of 0.90− 0.95 and decreases slightly with fuel power. This decrease is much more
pronounced in the case of CO conversion. XCO reaches values up to 0.80 at 40 kW
fuel power but is reduced to 0.60 − 0.65 at 80 kW. These results, however, are to
be regarded as first results with ilmenite and have a high potential for optimization.
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Beside an increase of the reactor height7 and better suited particle size distribution,
the optimization of different operating parameters of the pilot rig should increase the
gas conversion. Nevertheless, these results are very promising and reveal ilmenite as
a potential oxygen carrier for H2 and CO rich gases (e.g. from coal gasification with
steam). More results obtained with ilmenite and other natural minerals as oxygen carrier
are presented by Pröll et al. [74].

4.2.3 Performance of Ni-based particles

After this first series of experiments with ilmenite, two different Ni-based particles (see
Table 4.1) are tested. The first oxygen carrier (OC-A) is used for H2, CO and CH4

combustion. Unfortunately, only a limited amount of the second oxygen carrier (OC-B)
is available for testing. Therefore, OC-B is mixed with OC-A in a ratio of 1 : 1. This
mixture, henceforth termed OC-AB, is used for CH4 combustion.

Combustion of H2 and CO

Compared to ilmenite, the tested Ni-based oxygen carriers have a much higher reactivity.
Figure 4.9 clearly shows that the H2 conversion is very close to the thermodynamic
maximum. Only in case of very low total solids inventory (55 kg), distinctive differences
from maximum conversion are observed. CO is also converted to a high degree but the
conversion is somewhat lower compared with H2. In Figure 4.9 the CO conversion at
65 kg total solids inventory is higher compared with 75 kg. This is mostly owing to the
fact that the latter experiments were performed at an average fuel reactor temperature
of approx. 30 K below the former ones. This indicates that, in this case, the operating
temperature has a much higher impact on the fuel conversion than the total solids
inventory.

Dueso et al. [75] have reported that the water gas shift reaction (WGS)

CO + H2O GGGGBFGGGG CO2 + H2 (4.7)

plays an important role in the conversion of CO when Ni-based oxygen carriers are used.
The WGS reaction is supposed to proceed much faster than the combustion of CO with
NiO. Therefore, much of the present CO is converted to CO2 via the WGS reaction with
subsequent oxidation of the produced H2 at the oxygen carrier.

7The air and fuel reactor height is limited to 4.1 m and 3.0 m respectively owing to the surrounding
laboratory height. The height of a CFB, however, is not scalable and thus should be much larger in
the CLC pilot rig. This would increase the gas residence time in air and fuel reactors and thus gas
conversion.
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Figure 4.9: H2 (◦) and CO (•) conversion using a Ni-based oxygen carrier (OC-A) at a fuel
power of 60− 80 kW

The evaluation of solids samples from the experiments reported in Figure 4.9 is shown
in Figure 4.10. The solids conversion in the fuel reactor is very low in most conditions.
Only in the case λ > 1.05 and fairly high total solids inventory (65 − 75 kg), values
above 0.2 are observed. The solids conversion at 65 kg total solids inventory is clearly
higher compared with 75 kg at λ > 1.0. This result is rather surprising but, as already
mentioned, the experiments at 65 kg total solids inventory are performed at approx. 30 K
increased temperature. The temperature dependance of the reactions which has also
been observed in CO conversion (see Figure 4.9), might be one reason for the observed
difference in solids conversion.

Combustion of CH4

The H2 fueled experiments have clearly shown the very high reactivity of OC-A. In a
new series of experiments, the CLC pilot rig is fueled with CH4 at a fuel power of approx.
140 kW. Both, OC-A and OC-AB are used.

A temperature variation for CH4 combustion in the CLC pilot rig is shown in Fig-
ure 4.11. OC-A shows high CH4 conversion (up to 0.95 ) which is nearly independent
of the fuel reactor temperature. The CO2 yield, on the other hand, is highly dependent
on the reactor temperature. A maximum value of 0.89 is observed. OC-AB shows an
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Figure 4.10: Solids conversion in the fuel reactor for H2 (◦) and CO (•) combustion using a
Ni-based oxygen carrier (OC-A) at a fuel power of 60− 80 kW

Figure 4.11: Effect of temperature on the CH4 conversion and CO2 yield for OC-A and OC-AB
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Figure 4.12: Effect of temperature on the solids conversion in the air and fuel reactors for OC-A
and OC-AB

even better performance than OC-A. Both, CH4 conversion and CO2 yield, reach higher
values than OC-A (up to 0.99 and 0.94 respectively). The CH4 conversion is nearly
constant at high fuel reactor temperature but below 850 ◦C a decrease is observed. The
temperature dependance of the CO2 yield is even more distinctive than for OC-A.

The evaluation of the sampled solids during operation of the just discussed experiments
is shown in Figure 4.12. OC-A is almost fully reduced in all cases.8 It could be concluded
that the increased solids conversion of OC-AB results in an increased CO2 yield. This
effect, however, has to be investigated more in detail in the future. In the case of identical
experimental set-up, the solids oxidation of a particle can be increased by two means:

1. Decreased speed of reaction in the fuel reactor and

2. increased speed of reaction in the air reactor.

Since higher fuel conversion is observed for OC-AB, it has to be concluded that the MgO
content somehow enhances the reactivity of the particles toward O2.

The influence of the global air/fuel ratio on the performance of CH4 combustion with
OC-A and OC-AB is investigated in a next series of experiments. In Figure 4.13, OC-A

8The solids conversion considers the conversion of all of the active metal. Some of the active metal,
however, has to be considered as inactive owing to the possibility of being trapped somewhere in the
inner structure of the particle. Therefore, XS = 0.1 might already be the minimum solids conversion of
the particle.
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Figure 4.13: Effect of air/fuel ratio variation on the CH4 conversion and CO2 yield for OC-A
and OC-AB

shows complete CH4 conversion for λ < 0.9 but a significant CH4 slip at higher air/fuel
ratios. OC-AB, on the other hand, does not show this dependance at all; the CH4

conversion is nearly constant at 0.985 in all cases. OC-AB also shows an increased CO2

yield with a maximum value of 0.92 . Naturally, the CO2 yield decreases strongly when
the air/fuel ratio is decreased below 1.0.

The influence of the air/fuel ratio on the solids conversion is shown in Figure 4.14.
Just as in the case of the temperature variation, the solids conversion of OC-AB is much
higher than for OC-A which, again, might be the reason for the increased CO2 yield.
Both oxygen carriers indicate an increase of solids conversion with the global air/fuel
ratio but only for OC-AB a steep decrease in solids conversion is observed for λ < 1.0.

4.2.4 Carbon formation in the fuel reactor

Since carbon formation in the fuel reactor will lead to CO2 emissions from the air reactor
and thus results in a decreased CO2 capture efficiency, it has been discussed as a problem
in CLC. The amount of carbon produced in the fuel reactor can be derived from CO2

measurements in the air reactor exhaust gas.
In all experiments performed in the CLC pilot rig, no additional steam is added to

the fuel. Some steam, however, is available from the fluidization of the loop seals. In
the highest case, this amount would correspond to a H2O/CH4 molar ratio of approx.
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Figure 4.14: Effect of global air/fuel ratio variation on the solids conversion in air and fuel
reactors for OC-A and OC-AB

0.4 : 1. Highest case means that most of the steam from the lower loop seal is directed
to the fuel reactor. This is, however, very unlikely since the flow of solids in the LLS is
directed to the air reactor. Most of the steam from the ULS is directed to the fuel reactor
but this is far above the fuel inlet in the reactor where the reforming and combustion
take place. Despite this very low H2O/CH4 ratio and the low solids conversion of the
particles, no carbon formation has been measured in any of the reported operating cases.
In experiments not shown here, some carbon formation has been observed at air/fuel
ratios below 0.4 .

4.3. Summary and outlook The dual circulating fluidized bed pilot rig has
proven very good operating conditions for CLC.

The solids circulation rate is sufficiently high and can be controlled very effectively with
air staging. In the current design, the solids entrainment and bed expansion of the fuel
reactor fluidized bed are quite low and should be increased in the next design. Also, the
reactor height is very low and should be increased to at least 12 − 20 m. This would
certainly improve the gas conversion in the air and fuel reactors further.

Ilmenite shows adequate H2 and CO conversion and has a high potential for syngas
combustion and CLC of solid fuels. The obtained results, however, have a high potential

62



for optimization and even better results are expected in the future.
Ni-based oxygen carriers show very high reactivity and close to maximum conversion

of H2 and CO. For CH4 combustion, two different oxygen carriers have been used. With
OC-AB, which is a mixture of two different Ni-based particles, nearly full CH4 conversion
and a CO2 yield of up to 0.95 is observed.

As already mentioned, it would be very interesting to perform further experiments
with ilmenite as oxygen carrier. The operation of the CLC pilot rig has been optimized
in the recent past and thus even better fuel conversion is expected now. Further, long-
time continuous looping testing with OC-A and OC-AB could reveal possible changes
in the oxygen carrier and their effect on the performance.
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5

MODELING OF THE CLC PILOT RIG

5.1. Introduction Modeling is a widely used tool to qualitatively and quantita-
tively evaluate the influence of different operating parameters
on a process. In technology development, it is a very impor-

tant tool for better understanding and interpretation of laboratory results and subse-
quent scale-up. A validation of the used model allows predictions on the performance of
similar and scaled-up plants. It has to be kept in mind, however, that modeling always
means a compromise between detailed description and a reasonable number of model
parameters that can be validated by experimental data.

In CFB technology, much modeling has been performed on solid fuel combustion (e.g.
Haider and Linzer [76] for coal and Adanez et al. [77] for biomass combustion; an overview
is presented by Basu [78]). These simulations usually focus on the conversion of fuel
particles (devolatilization and char combustion), SO2 and NOx production as well as
heat transfer [78]. In these simulations, the solids inventory acts as heat transfer agent
but it is not involved in chemical reactions. Modeling of catalytic gas-solid fluidized bed
reactors has been performed by Marmo et al. [79].

Different models have been presented in literature for the description of circulating
fluidized bed reactors (see Grace and Lim [80] for an overview). In most cases, like
circulating fluidized bed combustion (CFBC), the bed material does not take part in
the reaction acting as a reactant. Only the fuel particles react with the gas phase while
the bulk sand defines the fluid dynamic regime and enhances heat exchange. In the case
of chemical looping, where the bed material undergoes repeated cycles of oxidation and
reduction, the bulk bed material is crucially involved in the fuel conversion reactions.
As there is no oxidation possible without the presence of bed material, the condition of
the bed material (i.e. solids conversion) has to be considered in the model.
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5.2. Model development The applied model consists of a number of different
sub-models. These include a reaction model (reaction

rates of gases and solids), a fluid dynamic model (interactions of gases and solids) and
the set-up of the reactor system which includes the implementation of mass and energy
balances. The required thermodynamic properties of gases and solids are calculated
according to Burcat and Ruscic [81]. All ideal gas data used in this work are initially
based on the JANAF-tables [82].

5.2.1 Model structure

The main focus of the applied model is on the chemical reactions (homogeneous and
heterogeneous) taking place in the reactor. Each reactor is divided into a finite number
of cells along the height axis (one dimensional model). In each cell, a sub-model per-
forming the chemical reactions dependent on the local fluid dynamics (solids hold-up,
solids distribution, etc.) is implemented. The mass balances of all elements except those
potentially present as solids (i.e. metals, oxygen) are calculated for each cell. Energy
and solids are balanced globally across the whole reactor. This implies that each reactor
is modeled as being isothermal and ideally mixed with respect to the solids. The hydro-
dynamic profile of the reactor is described by a prescribed solids concentration along the
reactor height. Plug flow is assumed for the gases. This may seem a rather simplified
structure allowing only little room for adaption. The programming, however, has been
done in a way that allows the addition of details in later stages (object orientated code
in C++). For the moment, the simple structure avoids unknown parameters that would
require rough estimation from widely scattered literature data. Various combinations of
parameter values would lead to similar simulation output. Moreover, the present model
allows extremely fast calculations. The calculation time for modeling a single reactor
(air reactor and fuel reactor respectively) is in the range of a few seconds, whereas the
whole reactor system is modeled in 1 − 2 min with a simple 1.8 GHz processor. The
complete CLC reactor system is modeled by combining two reactor models (i.e. air and
fuel reactors).

5.2.2 Reaction model

The smallest unit possible in the reaction model is a single reactor cell. Each cell has a
certain volume with an inlet and outlet for a gas and a solid stream. The composition
at the cell inlet is known from the previous cell, the outlet composition is the unknown
vector. Energy and solids balances can be performed in each cell but for certain reactor
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reaction reactor reference
1 CH4 + 4NiO GGGGBFGGGG CO2 + 2H2O + 4Ni FR [46]
2 CO + NiO GGGGBFGGGG CO2 + Ni FR [46]
3 H2 + NiO GGGGBFGGGG H2O + Ni FR [46]
4 CH4 + H2O GGGGBFGGGG CO + 3H2 FR [83]
5 CO + H2O GGGGBFGGGG H2 + CO2 FR [84]
6 2Ni + O2 GGGGBFGGGG 2NiO AR [46]

Table 5.1: Oxygen carrier reactions considered in the reactor model

types (such as fluidized beds) this option is disabled. Owing to the assumed perfect
mixing character of the fluidized bed reactor mentioned above, solids and energy balances
are solved globally.

For each cell, a system of equations has to be solved. For each variable (molar fraction
of reacting gaseous and solid components), there exists a reaction rate equation. Some
of the reaction rate equations can be replaced by element balances of the occurring
elements. The model can generally handle homogeneous gas phase reactions, gas phase
reactions catalyzed by the solids and heterogeneous reactions involving the solids as
reactants. Nth order and hyperbolic kinetic formulations are applied for intrinsic kinetics.
The heterogeneous reactions are dependent on the surface of reacting solids present in
the control volume according to the shrinking core model.

The reactions actually considered in the present study are summarized in Table 5.1.
Each reaction can individually be implemented in the sub-model. In cases where the
oxygen carrier is not fully oxidized, metallic Ni is present in the FR. In this case, the
steam reforming reaction of CH4 (Equation (4) in Table 5.1) is catalyzed and should have
some impact. Kinetic parameters for this reaction in the presence of the oxygen carrier,
however, are not available and thus the parameters determined by Xu and Froment [83]
for a Ni-based catalyst are used. This will certainly have some impact on the accuracy of
the modeling results but owing to the lack of precise data from literature, this inaccuracy
has to be accepted.

The differential equations are solved in an implicit way by iterating the concentrations
at the exit of the cell until the gradients (calculated using the estimated exit concentra-
tions) fit in order to arrive from the given input concentrations to the solution for the
exit concentration. The iteration is done using a multidimensional Newton method with
analytical evaluation of the Jacobian matrix. This way, asymptotic stability is achieved
and the size of the cells is not limited by the stability of the solver. The cell size can be
chosen as large as possible with respect to linearization errors.
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Figure 5.1: Typical structure of the fluid dynamic description of turbulent and fast fluidized
bed reactors

5.2.3 Fluid dynamic model

The fluid dynamic description of the fluidized bed reactor is based on the idea of a dense
bottom bed followed by a splash region and a lean zone showing a core-annulus type flow
structure [77, 85–89] (see Figure 5.1). The core-annulus structure in the upper part of
the riser is characterized by high gas velocities in the particle lean core of the riser tube
and a particle dense annulus region at the walls. In the core, the particles move upwards
whereas in the annulus the particles may either move up or downwards depending on
particle size and superficial gas velocity. The local gas velocity in the annulus is low and
governed by the particle flow.

Since most gas moves in the core and the solids hold-up is concentrated in the annulus,
the core-annulus flow structure of fast fluidized bed risers may limit the gas-solid reaction
rate. Parameters have been proposed to account for the exchange of gas and solids
between core and annulus along the reactors height [90–92]. Beside these parameters,
such a model requires the determination or estimation of several further parameters that
all significantly affect the progress of gas-solid reactions in the reactor. As described by
Kaushal et al. [87, 88] these include (amongst others)

• the bubble-emulsion mass exchange inside the dense region,

• the bubble-emulsion interfacial area,
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• the height of the dense region and

• the solids concentration in the core.

For the evaluation of most of these values, a number of different relations have been
published. The derived values, however, scatter strongly in some cases. Additionally,
the chemical kinetics and local mass transfer phenomena on the solid particles are to be
determined either from suitable literature data or by direct comparison to experimental
results with a certain oxygen carrier material. Some of the preceding reactions in the
fuel reactor, such as the partial oxidation of CH4,

CH4 + NiO GGGGBFGGGG CO + 2H2 + Ni (5.1)

have to be neglected owing to the lack of kinetic models available in literature. For
other important reactions, such as the steam reforming reaction (see Equation (4) in
Table 5.1), kinetic models from different catalysts have to be applied.

It is very uncertain that such complex models can be successfully applied to the 120 kW
chemical looping combustor at Vienna University of Technology. Beside the problem of
finding reliable model parameter data in literature, it is highly doubtful that the model
can be validated with the existing measuring equipment at the pilot rig. Therefore, the
model used aims at a most simple description of phase flow behavior possible in order
to reduce the number of uncertain parameters to an absolute minimum.

The main point where macroscopic fluid dynamics affect the progress of chemical
reactions is where the exposure of the gas, passing the reactor, to the solids is quantified.
This is qualitatively valid in each of the regions shown in Figure 5.1. There are, of course,
other potentially relevant phenomena like axial back mixing in the gas phase that may
reduce conversion by reducing chemical driving forces. A detailed view, however, would
require tracer measurements for validation and goes beyond the scope of the present
study. The solids can be assumed to be rather well mixed with respect to composition,
providing that the chemical conversion of the solids is slow in comparison to particle
displacement.

Therefore, it is assumed that the macroscopic fluid dynamics of the fluidized bed
reactor affect the gas conversion in proportion to a certain fraction of solids actually
contacted to the gas. For a given solids hold-up in the reactors and a prescribed axial
solids concentration profile, the model parameter φs,core defines the fraction of solids
exposed to the gas passing in plug flow. Many uncertain parameters are combined in
this single parameter, which is further assumed to be constant over the whole reactor
height (see Figure 5.2). The solids composition is the same throughout the reactor and
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Figure 5.2: Simplified core-annulus model with only one parameter (φs,core)

changes with reaction progress (considering the entire solids hold-up). Of course, this
very simple model cannot explain all effects along the height axis of a circulating fluidized
bed in detail but it will at least allow the determination of φs,core for the case of the
120 kW test rig. Further, as mentioned previously, there are many uncertain aspects in
the applied reactions and their kinetic parameters. Thus, the gain in quality by applying
a more complex fluid dynamic description of the CFB, may be questioned. The effect of
axial solids concentration profiles (e.g. described by Schlichthaerle and Werther [93]) is
neglected in this study.

The solids distribution along the reactor height is assumed to follow a typical dense
zone/lean zone structure. In the lean zone, an exponential decay of solids hold-up is
assumed. Therefore, the solids concentration along the reactor height is defined by the
following equations:

ε(h) = εDZ in the dense zone (h ≤ hDZ) (5.2)

(1− ε(h)) = (1− εDZ) · e−α(h−hDZ) in the dilute zone (5.3)

These profiles can be determined at the 120 kW pilot rig with the aid of pressure mea-
surements along the reactor height.
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5.2.4 Energy balance

The temperature distribution in the system is dependent on the heat production (con-
version of the fuel), the inlet temperatures of air and fuel, the solids circulation rate and
the cooling power in each reactor. The energy balance of each reactor can be written as

(
∑
i

ṁi · hi)in − (
∑
j

ṁj · hj)out − Q̇ = 0 (5.4)

with the mass flow ṁ, the enthalpy of formation h of each inlet and outlet stream and
the cooling duty Q̇. Note that in equation (5.4) both, gas and solid streams, have to be
considered.

While the composition of the entering gas streams is given, the composition of the
exiting gas streams and all solid streams are determined by the chemical reactions. The
solids circulation rate is prescribed. Assuming constant temperature in each reactor, one
obtains two equations for the four unknown variables TAR, Q̇AR, TFR and Q̇FR. In the
present study the fuel reactor is regarded as adiabatic (Q̇FR = 0) with a set temperature.
From these definitions, the air reactor temperature and cooling duty can be calculated
for stable operation.

5.3. Modeling results The introduced model is applied to study the influence of
different operating parameters on the performance of the

120 kW CLC pilot rig at Vienna University of Technology. Owing to the lack of kinetic
parameters of the oxygen carrier used in the pilot rig, a slightly different oxygen carrier
is used (Ni40Al-FG [46]). The active NiO content and oxygen transport capacity of the
oxygen carriers, however, are very similar. The main oxygen carrier characteristics are
shown in Table 5.2.

Table 5.3 summarizes the applied solids distribution and the main operating parame-
ters of the air and fuel reactors. In this work, the influence of the model parameter φs,core
on the solids conversion in the fuel reactor (XS,FR) is presented only. Further results
which include the determination of gas conversions, different parameter variations and
a sensitivity analysis are presented in Paper VI.

The investigation of the solids conversion in the reactor system very impressively shows
that, even though a very simple hydrodynamic model is applied, the results reflect most
actual conditions in the CLC pilot rig. Figure 5.3 illustrates the solids conversion in
the fuel reactor. Assuming similar values of φs,core in the air and fuel reactors and
incomplete conversion (φs,core,AR,FR < 0.25 ), the OC particles leave the fuel reactor
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parameter unit value
designation Ni40Al-FG
total NiO content (in raw material) wt% 60
active NiO content wt% 40
support material NiAl2O4

oxygen transport capacity R0,OC kg/kg 0.084
apparent density kg/m3 3446
particle size mm 0.2
specific BET surface area m2/g 0.8
porosity − 0.36

Table 5.2: Main properties of the oxygen carrier applied for modeling [46]

with a solids conversion in the range of 0.20 − 0.65 . With the given solids circulation
rate this corresponds to a solids conversion of 0.30− 0.75 in the air reactor. In the CLC
pilot rig, XS,FR is usually determined in the range of 0.1− 0.3 when OC-A is applied.1

Therefore, it is expected that the model parameter φs,core in the air and fuel reactors is
in the range of 0.05− 0.20 . Of course, this is just a rough estimate and does not replace
proper validation of the model.2

param. description unit AR FR
mS solids hold-up kg 17.6 19.4
hDZ dense zone height m 0.5 0.5
εDZ dense zone void fraction − 0.75 0.75
α solids conc. decay factor in lean zone m−1 1.4 1.4
4p pressure drop kPa 9.8 9.7
T reactor temperature ◦C E-bal.∗ 850
Pth fuel power kW 120
λ air/fuel ratio − 1.2
S/C steam/methane ratio mol/mol 0.1
GS global solids circulation rate kgm−2s−1 50.0 —
∗ the AR temperature is calculated from the energy balance of the reactor system

Table 5.3: Reference case for modeling of the CLC pilot rig

1OC-A is more similar to the oxygen carrier used in this study.
2Validation, however, is not included in this work.

71



Figure 5.3: Solids conversion in the fuel reactor as a function of the model parameters φs,core,AR

and φs,core,FR

5.4. General aspects on

modeling of continuous

looping systems

For predictive modeling and simulation of chemical
looping processes, the kinetic parameters of gas-solid
reactions have to be determined. Different authors
have applied the shrinking core model (SCM) with the

reaction controlled by the chemical reaction in the grain for spherical particles (e.g. Abad
et al. [45], Grasa et al. [94]) and plate-like particles (e.g. Garcia-Labiano et al. [47], Za-
far et al. [48]). When applying such models for the modeling of continuous looping
operation, however, care must be taken in the formulation of reaction rate equations.

Garcia-Labiano et al. [47] have already pointed out that kinetic models from batch
experiments have to be adjusted for use in modeling of continuous looping operation. In
their work, which focuses on Cu-based particles, the reaction rates in the air and fuel
reactors are formulated in a way that the influence of a prescribed particle residence time
distribution, the solids conversion of the entering solids to a reactor and the difference in
solids conversion between air and fuel reactors are considered. Abad et al. [45, 46] have
introduced the so-called characteristic reactivity which also considers these influences. In
the following, different macroscopic phenomena are discussed that have to be considered,
for the precise formulation of reaction rates for continuous looping operation.

In the SCM, it is assumed that each particle consists of a number of spherical grains.
Reactions occur at the outer surface of the grain, reducing its diameter and outer surface

72



Figure 5.4: Solids conversion of an oxygen carrier for CLC as a function of elapsed time. XS =
1.0 corresponds to the fully converted particle with respect to the used gas (i.e.
fully oxidized for O2 and fully reduced for H2 and CO respectively). Kinetics data
have been taken from [45].

area as they proceed. Since the reaction rate is only controlled by the outer surface of
the grain (diffusion resistance of gaseous reactants and products through the gas film
and ”ash” is neglected), it will diminish as the grain shrinks [95].

From the obtained experimental data, XS vs. time diagrams can be plotted and fitted
with an adequate model (such as the SCM). An example of such a graph is plotted in
Figure 5.4 for the reduction and oxidation of a Ni-based oxygen carrier particle for CLC
according to Abad et al. [45]. Depending on the applied gas, the time for full conversion
varies. The curve progression, however, is identical for all gases. In this case, the slope
corresponds to the SCM for a spherical grain with the reaction controlled by the chemical
reaction in the grain.

In the case of continuous operation, the particles are only partially converted until
they pass back to the second reactor. Therefore, only a relatively small part of the
cyclic capacity is actually used. The particles are reduced to XS,FR in the fuel reactor
and oxidized to XS,AR in the air reactor. The difference between the two states, 4XS ,
directly results from the solids circulation rate of the reactor system.

If a reactor model of such a continuous unit uses data determined in batch experiments,
the gas-solid reaction rates in the reactors should, according to the model, depend on
the actual degree of particle conversion XS . Figure 5.5 illustrates an oxidation-reduction
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Figure 5.5: Loop of a single particle in a solids conversion vs. time diagram. The cycle from
XS = 0.0 to 1.0 and back represents a batch experiment cycle. A chemical looping
cycle is characterized by much smaller solids conversion differences.

cycle and the reaction rates (dXS/dt) used if kinetics data from batch experiments are
implemented directly. When visualizing the macroscopic changes during batch experi-
ments and continuous looping experiments, however, one will discover fundamental dif-
ferences between these approaches. In batch tests, a loop starts with a fully unconverted
particle. At first the gas will react with the sites that are most easily accessible and
will advance to sites more difficult to access. The reaction of the latter will naturally
be slower than the former. The conversion of the particle will eventually come to a stop
when the particle is fully converted.

In continuous looping operation, however, the situation looks somewhat different. The
particle enters the fuel reactor with a certain degree of solids conversion XS,AR. Again,
the reduction of the particle will start at the sites that are easiest to access. These are,
however, very probably the same as in the case where the particle would have been fully
oxidized before, i.e. XS,AR = 1.0 (even though XS,AR might be much smaller). The
particle is reduced to XS,FR and transported back to the air reactor where it is again
oxidized. Once more, conversion starts at the easily accessible sites which are, again,
the same as in the case of a fully reduced particle. Thus, the continuous process will,
very probably, operate with the outer grain sites only.

Given these macroscopic effects, a single cycle of a particle in continuous looping op-

74



Figure 5.6: Loop of a single particle in a solids conversion vs. time diagram with the consider-
ation of the macroscopic particle behavior. The time for the conversion of a certain
4XS (4t∗ox and 4t∗red, respectively) decreases since the reaction rate is increased
in this case.

eration must look rather more like that in Figure 5.6 in terms of reaction rates than
previously suggested in Figure 5.5. One can clearly see that the time to convert the par-
ticle by 4XS is much smaller than previously expected. This derives from the increased
reaction rate in this case. At this point, one starts to realize that one single parameter,
such as the solids conversion, might not be sufficient for the description of the state of
the particle.3

The particle cycles mentioned in this study will probably not have much influence on
the evaluation of the performance of a chemical looping reactor, where the main interest
is the gas conversion. When it comes to detailed modeling of such processes, however,
care must be taken in the formulation of reaction rates of particles as a function of solids
conversion. Further, these effects have some impact on the required solids inventory and
have to be considered in the design phase of chemical looping installations.

3This is especially true for continuous looping operation.
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6

CONCLUSIONS AND OUTLOOK

Chemical looping combustion (CLC) has been identified as a high-potential CO2 capture
technology. CLC reactor systems are composed of two interconnected fluidized beds with
an oxygen carrier as bed material. Excellent gas-solids contact in the reaction zones to
ensure sufficient gas conversion and high solids circulation are essential for successful
operation of a CLC plant. The dual circulating fluidized bed (DCFB) reactor system
meets the demands very well and has a high potential for scale-up.

A DCFB reactor system for chemical looping combustion with a nominal fuel power
of 120 kW has been built at Vienna University of Technology. This unit can be operated
with CH4, CO, H2 and C3H8 as fuel. In the first year of operation, this pilot rig has
shown

• high qualification of the reactor concept for chemical looping combustion (high
solids circulation rate, sufficient gas-solids contact),

• full conversion of H2 and CO with a Ni-based oxygen carrier,

• very high CH4 conversion (close to 99 %) and CO2 yield (close to 95 %) with Ni-
based oxygen carriers,

• ilmenite as a potential oxygen carrier for the combustion of syngases and

• no carbon formation in any of the tested conditions.

Quite surprisingly, a very low solids conversion of the particles has been determined
throughout the reactor system. This indicates that in the built unit the air reactor is
the limiting part in the system.1 A modeling tool, also developed within this project,
has predicted these conditions very well.

Even greater improvement of the combustion efficiency is expected for higher air and
fuel reactors. Unfortunately, the reactor height is limited owing to the surrounding
laboratory (i.e. hAR = 4.1 m and hFR = 3.0 m). Circulating fluidized beds, however,

1This does not mean, however, that a larger air reactor will improve the combustion efficiency.
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cannot be scaled in height. Therefore, the pilot rig height should be the same as in
industrial applications.

Despite the recent development and the results obtained, there are still a number of
aspects that should be investigated in the near future. These include

• further tests with ilmenite and other cheap natural minerals,

• the investigation of mixed oxides (e.g. ilmenite in different mixtures with Ni-based
particles),

• chemical looping reforming tests,

• the investigation of carbon formation at very low air/fuel ratios and temperatures
and

• long-term experiments to investigate possible changes in particle properties.

The next step for chemical looping combustion of gaseous fuel is the demonstration
of the technology on a larger scale (approx. 10 MW). Some niche markets, such as
the combustion of offgases from petrochemistry and process steam production, offer
particularly good opportunities for gas-fired CLC. Certainly, there is still much work
to be done and experiments to be performed to reach this next step. Nevertheless, the
results obtained in the 120 kW CLC pilot rig are already highly promising and clearly
point to the large potential of this novel technology.
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7

NOTATION

7.1. Abbreviations

AR air reactor
ASU air separation unit
BFB bubbling fluidized bed
CCS carbon capture and storage
CFB circulating fluidized bed
CFBC circulating fluidized bed combustion
CLC chemical looping combustion
CLR chemical looping reforming
CLR(a) chemical looping autothermal reforming
CLR(s) chemical looping steam reforming
DCFB dual circulating fluidized bed
DZ dense zone of the fluidized bed
EOR enhanced oil recovery
FCC fluid catalytic cracking
FR fuel reactor
GHG greenhouse gas
GWP global warming potential
IEA International Energy Agency
IGCC Integrated Gasification Combined Cycle
ILS internal loop seal
IPCC International Panel on Climate Change
LGP liquefied petroleum gas
LHV lower heating value
LLS lower loop seal
ng natural gas
OECD Organization for Economic Co-operation and Development
OC oxygen carrier
PSA pressure swing adsorption
S/C steam to carbon (methane) molar ratio
SCM shrinking core model
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SOFC solid oxide fuel cell
SRES Special Report on Emission Scenarios
TGA thermo-gravimetric analyzer
ULS upper loop seal
UNFCCC United Nations Framework Convention on Climate Change
WGS water gas shift (reaction)

7.2. Symbols

A cross section m2

CW drag coefficient (−)
d diameter m
fp friction factor (−)
g standard gravity (9.80665) m/s2

GS net solids flux kg/m2s
h height m
hi enthalpy of formation of substance i J/kg
L length m
Mi molar mass of the substance i g/mol
mi mass of substance i kg
ṁi mass flow of substance i kg/s
ṁi molar flow of substance i mol/s
Omin O2 demand for fuel oxidation kg/kg
p pressure Pa
P power W
Pth fuel power W
Q̇ heat loss W
R0 oxygen transport capacity kg/kg
Re Reynolds number (−)
T temperature K, ◦C
U velocity m/s
x volumetric fraction (of gases) (−)
X (gas, solids) conversion (−)
α solids conc. decay factor in lean zone 1/m
ε void fraction (−)
λ air/fuel ratio (−)
µ kinematic viscosity m2/s
ρ density kgm−3
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τ (gas, solids) residence time s
τ time for complete combustion s
φs,core model parameter (−)

7.3. Sub and superscripts

* dimensionless parameter
DZ dense zone
gas valid for gas phase
in inlet stream
out outlet stream
ox oxidized form
p particle
red reduced form
S solid phase
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[89] Kaushal P., Pröll T., Hofbauer H. Model for biomass char combustion in the riser of a dual

fluidized bed gasification unit: Part II – Model validation and parameter variation. Fuel Processing

Technology 89(7), 2008, 660–666.

[90] Brereton C., Grace J., Yu J. Axial gas mixing in a circulating fluidized bed. In Circulating Fluidized

Bed Technology II, edited by Basu P., Large J. Pergamon Press, Oxford, 1988, first ed., 307–314.

[91] Patience G.S., Chaouki J. Gas phase hydrodynamics in the riser of a circulating fluidized bed.

Chemical Engineering Science 48(18), 1993, 3195–3205.

[92] Patience G.S., Chaouki J. Solids hydrodynamics in the fully developed region of CFB risers. In

Fluidization VIII Preprints. Tours, France, 1995, 33–40.

[93] Schlichthaerle P., Werther J. Axial pressure profiles and solids concentration distributions in the

CFB bottom zone. Chemical Engineering Science 54(22), 1999, 5485–5493.

[94] Grasa G.S., Abanades J.C., Alonso M., Gonzalez B. Reactivity of highly cycled particles of CaO

in a carbonation/calcination loop. Chemical Engineering Journal (Amsterdam, Netherlands) 137,

2008, 561–567.

[95] Levenspiel O. Chemical Reaction Engineering. John Wiley & Sons, 1999, third ed.

87


	INTRODUCTION
	The greenhouse effect, carbon dioxide and climate change
	Greenhouse gas emissions and emission reduction
	Carbon capture and storage (CCS)
	Technologies for CCS
	CO2 transport and storage

	Objective of this work

	CHEMICAL LOOPING COMBUSTION (CLC)
	Principle of chemical looping combustion
	Oxygen carriers
	History of chemical looping combustion
	Current CLC experience with gaseous fuels
	Chemical looping reforming (CLR)
	Chemical looping combustion of solid fuels

	DESIGN OF CHEMICAL LOOPING COMBUSTORS
	Reactor systems for chemical looping combustion
	Reactor systems with two interconnected fluidized beds
	The dual circulating fluidized bed (DCFB) reactor system
	Theoretical background on fluidization regimes in gas-solid fluidized beds
	The Geldart classification of particles
	Fluidization regimes in gas-solid fluidized beds

	Technical background for the design of chemical looping combustors
	Design of a 120 kW CLC pilot rig
	Reactor system
	Reactor cooling system
	Auxiliary units


	OPERATING RESULTS OF THE CLC PILOT RIG
	Hydrodynamic operation of the DCFB reactor system
	Pressure profiles of air and fuel reactors

	CLC performance with different oxygen carriers
	Experimental procedure and evaluation of results
	Performance of ilmenite for chemical looping combustion
	Performance of Ni-based particles
	Carbon formation in the fuel reactor

	Summary and outlook

	MODELING OF THE CLC PILOT RIG
	Introduction
	Model development
	Model structure
	Reaction model
	Fluid dynamic model
	Energy balance

	Modeling results
	General aspects on modeling of continuous looping systems

	CONCLUSIONS AND OUTLOOK
	NOTATION
	Abbreviations
	Symbols
	Sub and superscripts

	REFERENCES

